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SUMMARY 
"STUDIES OF THE OXIDATION AND ANMOXIDXFION OF NAPHTRALENE 
ON VANADIUM PENTOXIDE CATALYSTS" 
This work is mainly a study of the catalytic vapour phase 
oxidation of naphthalene. Some observations on naphthalene aninoxidation 
over the same catalysts have also been made. The reactions were carried 
out in a stirred catalytic reactor using a catalyst of vanadium and tin 
oxides on fused alumina. The kinetics of the oxidation reaction were 
0 	0 	0 	 0 studied at temperatures of 331, 353 , 380 and 422 C with maximum oxygen 
and naphthalene concentrations of approximately 1500 x 10 5 and 35 x 10-5 
moles/litre respectively. Phthalic anhydride is the main organic oxidation 
product, with small amounts of 1,4 naphthaquinone being produced also. 
The data agree with the following kinetic equation derived 
for a simple steady-state model of the reaction mechanism. 
k C k C 
R a 0 nn - ______ n 	k 	+8kC ao nn 
Long term catalyst deactivation results when the catalyst is used at 422 0C, 
the highest temperature employed, and short term, or reversible, deactivation 
occurs at 353°C with naphthalene concentrations equal to or greater than 
19 x 10 moles/litre. 	It is suggested that this may be due to a reduction 
of the catalyst oxide. 
Mass transfer has a serious effect on C n , the naphthalene 
concentration adjacent to the catalyst surface, in the above equation, but 
for the majority of Cases the naphthalene reaction rate is most strongly 
dependent on the oxygen concentration. A maximum yield of phthalic 
anhydride occurs between 331 ° and 380°C. 
Several experiments are reported concerning the use of different 
catalyst compositions and supports. These results are limited and 
inconclusive. 
The azimioxidation reaction produced phthalonitrile and phtha-
limide as the only organic products between 4300 and 4850C. There was 
no reaction below 400°C when ammonia was present. Ammonia also deactivated 
the catalyst for oxidation reactions and it is suggested that this may be 
due to the formation of azzimonium vanadatea. 
Finally, the advantages and disadvantages of using a stirred 
catalytic reactor are discussed. 
I N T R 0 D U C T 10 N 
This work was originally intended to be a continuation of a 
previous study of the ansnoxidation of naphthalene. A stirred catalytic 
reactor was used to eliminate the hot spots which occurred in the packed 
bed reactor of the previous work. Preliminary studs on the oxidation 
of naphthalene yielded some interesting results and it was decided to 
concentrate on this reaction with the aim of elucidating the kinetics. 






The catalytic vapour phase oxidations of many hydrocarbons, such 
as benzene, toluene, o-zyl.no and naphthalene, are coon commercial processes. 
Of these, the production of phthalic anhydride from o-xylene and naphthalene 
over vanadium oxide catalysts is the most important industrially. The present 
world production of phthalic anhydride is approximately 1.3 million tons per 
annum (1)  with naphthalene feedstock accounting for 64 percent (1967) of this 
and o-xylene the remainder (2) Both fixed bed and fluidised bed reactors 
are employed for naphthalene oxidation. However, difficulties with a 
fluidised o-xylene process at present limit the use of this feedstock to 
fixed bed reactors, although some encouraging results have been reported 
with fluidised beds. 
o-xylene has five advantages over naphthalene as a feedstock: 
the theoretical amount of air required is less as no carbon 
dioxide is ford along with the phthalic anhydride. 
9 
rr C113 
I ! 	+ 302 	H 	0 + 20 
0 9 
I + 40 	+ I 	h 0 + 2c02 + 21120 
less heat is evolved on reaction 
2. 
a product of higher purity is produced 
o-xylene is a liquid at normal temperatures and thus is 
easily handled 
o-xylene has become cheaper and in greater supply recently, 
whereas the naphthalene supply has remained quite static; this, 
combined with the molecular weight advantage of o-xylene (102:128 
grams/mole), has made it more economical at present to use 
o-xylene. 
The position, however, is not as one-sided as the above list 
would make it appear. 	In the U.S.A. petro naphthalene is available (coal 
tar naphthalene is the only form available in most other places) which gives 
product purity and yields matching those of o-xylene. Although the fixed 
bed naphthalene process uses more air or oxygen than the o-xylene process, 
air much in excess of that atoichiometrically required is, in any case, 
usually used industrially. The fluidised naphthalene process uses much 
less air than either of the above two processes so the first advantage is 
not a strong one. The difference in the heat production and ease of 
handling are not important enough factors greatly to affect the choice of 
feedstock. The main reason for the present preference of o - ;y1ene is its 
availability and price. The majority of fixed-bed plants in use at the 
present time have dual purpose catalysts that can oxidise either naphthalene 
or o-xylene depending on the feedstock available. With naphthalene 
accounting for over half the production of phthalic anhydride, and most 
plants having the capability to use either feedstock, the study of the 
oxidation of naphthalene is important industrially as well as academically. 
Naphthalene is therefore a suitable material to use in the study of vanadium 
3. 
oxide catalysts and the mechanism of organic oxidation. 
1.2 	Historical Background 
Previous to 1920 phthalic anhydride was produced by the liquid 
phase oxidation of naphthalene. Nitric acid and chromic acid were the 
most common oxidising agents until the last decade of the nineteenth 
century when a process using sulphuric acid in the presence of a mercury 
salt was developed. Although this latter process was the most commercially 
viable, other oxidising methods were tried, such as: permanganate in 
boiling water, sulphuric acid in the presence of caesium salts and 
electrolytic oxidation in an acid solution with a caesium salt catalyst. 
All the liquid phase reactions suffered from extremely high raw material 
coats, especially for the oxidising agents, and from an air pollution 
problem which was most prevalent with the sulphuric acid processes. 
This resulted in a small phthalic anhydride supply at a very high cost. 
A paper by Walter (5)  in 1895 is probably the first mention of 
vapour phase catalytic oxidations on oxide catalysts. Walter used a 
vanadium pentoxide-asbestos catalyst for the oxidation of monomethylortho-
toluidine in air. He also mentions the possibility of the oxidation of 
naphthalene in his paper. The process appears to have been overlooked 
until the First World War when work by Gibbs and Gibbs & conover 
resulted in several patents being taken out on the oxidation of naphthalene 
on vanadium and molybdenum oxides6' . 
Immediately after the War commercial development of the 
8 ' process proceeded rapidly and several articles appeared in the iiterature. 
Although other papers were published on the oxidation of naphthalene 
and various naphthalene compounds (12-15) , no studies of the kinetics of 
the reaction are reported until Calderbank's work in 1952(16). 
The patent literature is not reviewed in this discussion in 
view of the large number of patents and the small amount of information 
they contain. The following sections deal with the kinetics and 
mechanism of the naphthalene oxidation reaction, a subject which is not 
dealt with in the patent literature. 
1.3 	Rate of Naphthalene Disappearance 
Calderbank $ paper (16) aroused interest in the kinetics of 
naphthalene oxidation and much work has been performed on this reaction 
subsequently. Table 1.1 sumnarises the published results for the rate of 
naphthalene disappearance. 
Ca1derb.nk( 6) studied the reaction in a fixed bed reactor 
with conversions kept below 10 percent. From his results he concluded 
that oxygen adsorption is the rate determining step with the Langmuir 
equation 
R - k1C(l - 8) - 
R  - rate naphthalene disappearance 
k1 k2 - rate constants for adsorption and desorption 
e - fraction of active surface covered 
C0 - oxygen concentration 




KINETICS OF NAPWrPATvNR TTPPADAWTi 
Partial Press Order Re 
No. Reference 
mm 	Hg Tererature Catalyst Proposed Rate 
02 Naph 02 Naph Range °C Equation 
16 Calderbank 38-152 15-76 0.96 0 310-360 'omerciai' V205 R - kC 
0 
17 Mars S van 140-740 1-10 1 0-1 300-350 92 V205 ,21% r2so4 
k C 	C 
R 	
a cnn 
Krevelen k C +8k C - ___________  701 sf02  a a 	u u 
18 loffe 8 150-700 
* 
10 * 1 21 0.75 0-19 260-400 V205 - K2SO4 R - Sbm  2 prod 
19 D'Alessandro 160 21 Coust 1 340-475 Fused V2 
5 0 R 	kC - S Parkas U 
20 Booth & 160 * 7.6 Conat 0.5-1 102 V.03)45% 
22°7 Fugate 
452 8102 
21 Franklin * 	* 




at ci 80-60 0.4-8 1 0-1 300-335 9.95% V205 on silica 
a 0 U U 
R 	
k C k C 
_______  
*0 	un 
24 Rotter at *1 76-290 2-173 1* 0_1a 330-360 V205- K2SO4 on silica 
25 Ushakova 160 1.0-3.5 Const 1 3L3-410 V0 5 
etal 
- - iujcjj concentration 
a - Calc. by author from data presented in reference. 
. 
R n  -k  1 0 C 	 (1.2) 
as e is small. The calculated values of k 1 give an activation energy of 
26 k cal/mole. 
Mars and van Krevelen "7 include studies of the oxidation of 
benzene, toluene and anthracene as well as naphthalene in their paper. 
A fluidised bed was employed for the experimental work, again under con-
ditions of low conversion (< 11%). As a concentration gradient of up to 
28 percent was measured along the length of the bed, they assumed an 
integral reactor in dealing with their results. They postulate a two 
reaction mechanism which gives a reasonable fit to their data. 
Aromatic compound + oxidised catalyst - 
oxidation products + reduced catalyst 
Reduced catalyst + oxygen + oxidised catalyst. 
The rate of oxidation of the organic compound can be given by 
k C e 	 (1.3) 
C -II  organic reactant concentration 
and the rate of addition of oxygen to the catalyst by 
R 	kCTL(1 - e)  
If 0 is the moles of oxygen required per mole of organic reacted at 
steady-state 
6. 
OR n 	0 	nn 	ao 	 (1.5) 
Solving for 8 yields 
7. 
k  no 
8 - 	 (1.6) 
k C + 8k C 
no 	nn 
giving 
k C 	C no flu 
R • 	 (1.7) U kCTl+BkC 
ao 	U  
Mars and van Krevelen17) used an integrated form of equation (1.7) to 
fit their data with n given a value of unity. 
Sheistad et al (23) use an equation identical to (1.7) with 
U - 1. Their derivation of the equation is essentially that of 
(26) 
Hiushelwood 	. Although the development of the relationship is similar 
to that given above, the underlying assumption concerning the state of 
the active oxygen is different from that of Mars and van Kreveien.(17) 
Sheistad et al (23) state the following four assumptions: 
Oxygen is the only reactant adsorbed. 
The rate of oxygen desorption is negligible. 
For reaction to occur, a gas phase organic molecule must strike 
an adsorbed oxygen. 
A steady-state is established between the rate of oxygen 
removal by reaction and addition by adorptio. 
The difference between the two derivations is that Mars and 
van Krevelen(17) assume the oxide oxygen plays a direct role in the reaction, 
(23) 
whereas Sheistad et al 	assume that adsorbed oxygen takes part in the 
reaction. It is obvious that kinetic measurements will not distinguish 
between either model. Some comments on the question of the oxygen role 
are included in the section 1.5, however, to give an indication of the 
progress in this field. The applicability of these models to hydro-
carbon oxidations on vanadium oxide catalysts is discussed in section 1.4. 
The assumptions made by Mars and van Krevelen 17 and Shelstad 
et al (23)  are over-specific and a more general set of assumptions would 
be better. These are: 
Over the range of conditions for oxidation reactions there 
are two rate controlling steps. One step concerns the supply of active 
oxygen on the catalyst, the other the removal of oxygen by reaction with 
the hydrocarbons. (These steps may be such processes as adsorption, desorp-
tion, reaction, dissociation, migration, reaction of oxygen with the 
vanadium oxide lattice, etc.) 
All other steps in the mechanism, if there are more than two, 
proceed at a rate sufficiently greater than those in 1. that they may be 
neglected. 
There is a further assumption that is implicit in 2. which has, 
however, been overlooked by Mars and van I(revelen 07 and Sheistad et 
(23) 	 (40) al 	• Juuaola et al 	discuss this omission in their paper on the 
kinetics of o-xylene oxidation. It has been assumed in all the develop-
ments of equation (1.7) that the only significant reaction on the catalyst 
is that of the reactant. The possibility of consecutive reactions of 
the products occurring has not been mentioned by Mars and van Kreve1en 17 
or Sheistad et al (23) To be strictly correct a further assumption must 
be included, viz, that the rate of any reaction other than that of the 
reactant is small enough to be neglected or that it proceeds by a different 
mechanism on different catalytic sites. As vanadium pentoxide has only a 
8 . 
small number of adsorption sites for oxygen 35 , these sites are probably 
active for any hydrocarbon reaction. Equation (1.7) should be modified 
to 
k C  C 
a o n n 
R 	k C + 8k C + Ey k C so 	nfl 	ppp 
(1. 7a) 
where subscript p denotes reoxydizable products and y is the moles of 
oxygen required per mole of product reoxydised. 
to be strictly correct. 	EYkC can be neglected at low conversions, 
C >>C, and when k<<k. 
n 	p 	 p 	n 
Equation (1.7) reduces to four special cases depending on the 
naphthalene and oxygen concentrations. The value of 11 will be taken as 
unity in the following discussion. 
if kaCo >> BknCn equation (1.7) becomes 
R n  -k  n fl C 	
(1.8) 
ifkC .c<8kC so 	nfl 
R n 	a - (k /8)Co 	
(1.9) 
if C is held constant 
0 
kC nn 
R - -j--; k' 	
(1.10) 
n 
kv- 8k 	 (l.lOa) 
kC a  
9. 
10. 
(4) if C 1 is held constant 
(k 18) a CO 
R - 1 + (k'/8)C0 
 
k 
It' - 	a 	 (1.11a) kC 
nfl 
Equation (1.9) is identical to that proposed by Ca1derbank 6 . 
Equations (1.10) and (1.11) are the familiar Langmuir-Hinshelwood equations 
for the cases where naphthalene (1.10) and oxygen (1.11) adsorptions are 
rate controlling. From a consideration of equations (1.7) through (1.11) 
it can be seen that at certain conditions an apparent oxygen or naphthalene 
order from zero to one can be obtained. Reference to Table 1.1 shows 
that this has been found by all the researchers. 
loffe and Sherman ( 18) , supporting their catalyst in a thin 
coat on a thermometer bulb, have found that there may be product inhibition. 
Their proposed rate equation is 






C prod - total concentration of all products. 
The supporting plots used for this equation are of the form 
y + k2a2y 3 vs t, with ' y ' the degree of naphthalene conversion, 'a' the 
initial naphthalene coucentrtion, 't' the contact time, and 'It 2 ' the 
rate constant in equation (1.12). 	First and half order rate constants 
are also calculated from the following equations respectively 





The values of 'k' calculated for the first order case are 
quite constant over a wide range. However zero order constants, calculated 
by the author, give as good, and in some cases better, fits at low con-
versions. 	It is not possible, from the results given, to decide on the 
importance of product inhibition or possible naphthalene dependency. 
Product inhibition, in any case, is unlikely to be apparent in an experi-
ment where the reactant gases are passed quickly over a small amount of 
catalyst supported on a thermometer bulb. The number of runs is limited 
and the accuracy of the measured contact time, 0 to a maxfiniin of 0.61 
seconds, is questionable in the type of system used. 	Also the naph- 
thalene concentration was not measured, conversion being calculated from 
a summation of the measured products. 
D'Alessandro and Farkas (19)  used a very low inlet naphthalene 
concentration, approximately 0.28 molar percent, and a large excess of 
oxygen (oxygen:naphthalene 75:1) in a fluidised bed reactor. They 
found a first order naphthalene dependency with an activation energy of 
29 k cal/mole. 	This result is predicted by equation (1.8) of the 
steady-state model when the naphthalene concentration is very snaIl. 
Booth and Fugate's results have not been reported in detail 
in the reference 
(20). 	The reported 0.5-1 naphthalene dependency, however, 
does agree qualitatively with the steady-state theory. 
22) Franklin, Pinchbeck and Poppers (21, 	papers on naphthalene 
oxidation in a fluidised bed are mainly concerned with a statistically 
designed set of experiments to determine the optimal yield surfaces. 
They indicate thst oxyger adsorption Tray he the limiting step. 
Sheistad, Downie and Craydon8(23)  study of naphthalene 
oxidation led them, as iintioned previously, to support a rate equation 
algebraically the same as that of Mars and van reveien0 . Sheistad 
(23) et als 	results, using a packed bed reactor, are discussed with those 
of Mars and van Kreveler(17)  and other researchers who have oxidised 
various hydrocarbons or vanadium oxide catalysts, in section 1.4. 
Roiter's 2 experiments, using what is essentially a recycle 
reactor, show a first order oxygen dependency with a naphthalene dependency 
changing from first order to zero order as the naphthalene concentration 
is increased. This again is what the steady-state model predicts. 
Ushakova et al (25)  have found a first order naphthalene 
dependency with the oxygen concentration assumed constant. 
In summary the published results on the rate of naphthalene 
disappearance are: 
Almost all authors agree on a first order oxygen dependency. 
It must be noted that oxygen was always used in great excess to that 
stoichiometrically required. 
The naphthalene dependency appears to be zero order at high 
concentrations, rs4r to first order at lower. concentrations. 
A possible effect of product inhibition has been noted by 
one researcher (18) However this conclusion is extremely dubious based 
on the data presented. 
The results agree qualitatively with the steady-state theory. 
T2. 
13. 
1.4 	SupjrtofSteady-State Model 
If the steady-state model is valid, in addition to equation 
(1.7) fitting the data, the values of ka obtained on one catalyst for a 
variety of hydrocarbons should be identical. Different catalysts and 
supports will give different values of k in some cases so it is important 
that comparisons are made with experiments conducted on the same catalysts. 
Mars and van 1(revcien 17 found that naphthalene and benzene, 
ox ' d; ,;(, ,' on the same catalyEt, gave identical values of k 	The value of 
this constant for toluene showed a deviation, the cause of which the 
authors were not sure. No data for toluene was presented in their paper 
so it is not possible to comment on this discrepancy. 
Values of 1c  for o-xylene, naphthalene, toluene and benzene 
oxidation on vanadium pentoxide from six Canadian papers (23,40-44) are 
shown in fi gure 1.1. These values have been determined by seven different 
groups of researchers all using the same catalyst and covering the tempera- 
ture range 290-400 °C. In all cases the individual results were successfully 
fitted to equation (1.7). 	Although the scatter of the hrhenius plot (Fig. 
1.1) is much greater than would be expected for a single set of experiments, 
all the points can be contained within two lines representing activation 
energies of 23 and 33 It cal/mole. All the values are within the same order 
of magnitude of each other (at the same temperature) with less than a 
factor of two between them in r'ost cases. 	This must be considered as 
reasonably strong support for the model. 	Some of the results, noticeably 
toluene, show a definite trend with an activation energy greater than 33. 
For this reason Figure 1.1 can only be an indication that equation (1.7) is 
\ 	\ 	\ 	 X=NAPHTHALENE 
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a good approximation o t!e kinetics, however its applicability to a wide 
range of hydrocarbon compounds will only give an order of magnitude 
correlation. 	This, it rut be pointed out, is a very great improvement 
over any form of heterogeneous model so far devised for oxide oxidation 
catalysts. 
Vrbaski 45 and Vrbaski and Mathews (46,47) found that the 
oxidations of o-niethylbenzyl alcohol and o-tclualdehyde over fused vanadium 
pentoxide could be satisfactorily described by equation (1.7). 	Figure 1.2 
shows the Arrhenius plot of the k 
a 
 values cbtaincj. 	The valto 	. as, , 
in both cases, lie on the same straight line, o-methylbenzyl alcohol in 
the range 300 to 350 0C and o-tolualdehyde in the range 360 to 4150C. 
Herten and Froment 48 found the oxidation of o-xylene could 
be described equally well using equation (1.7) or the pover law 
R 	kCaCb n 0 a 
(1.16) 
As a and b were found to vary with temperature as well as k, equation (1.7), 
with only two constants, k   and 	varying with temperature, must be 
considered the better model. 
From the research reported the steady-state model can be con-
sidered a good approximation of the mechanism of hydrocarbon oxidation 
on vanadium oxide catalysts. 	It is probably over-simplified as it leaves 
unexplained the spread noticed in Figure 1.1 and hats and van Kreve1uii's 17 
results with toluene. In addition Herten and Froment 48 have found that 
the Arrheni.us plot of k levels out at high temperatures (greater than 
370°C). 
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15. 
1.5 	Pole of the Oxide and Oxygen in CatalZsis 
The behaviour of the oxide and oxygen during catalytic reaction 
is not, strictly speaking, a kinetic question. However, some of the 
literature pertaining to the subject is reviewed hers to indicate what 
progress has been made in this field and to find out whether it contains 
any information which might be useful in formulating kinetic models for 
hydrocarbon oxidation. 
Very little of the work which has been done on vanadium pent-
oxide catalysts in this context has studied the catalyst and oxygen effects 
in a system containing hydrocarbons. The notable exceptions to this are 
Simard at &1 (28) and Ushakova at 	 who used o-xylene and naphthalene, 
respectively, in their study of the structure of vanadium oxide catalysts 
during reaction. Results obtained on isolated systems with only one or 
two components present must be treated with great caution. The influence 
of additional compounds is most dramatically illustrated by hydrocarbon 
adsorption on vanadium pentoxide in the absence of oxygen. Hargolis 34 
found the rate of hydrocarbon adsorption on all oxide catalysts so large 
that it made kinetic measurement impossible. The hydrocarbon was so 
strongly adsorbed that the only method of removal was in the presence of 
oxygen. This demonstrates that adsorption studies of hydrocarbons, without 
oxygen being present, can lead to conclusions being drawn about a reaction 
mechanism that are quite different from what actually occurs in a reacting 
system of several components. Also, Margolis and Plysh.vakaya 21 and 
Cameron at al 	have found that moisture, which is always present during 
catalytic hydrocarbon oxidations, has an effect on oxygen adsorption and 
v. 
oxygen ezchat2e reactions or vanadium pentoxide. 
A further note of caution is needed concerning the oxygen 
adsorption studies and the studies on the rate of isotopic oxygen exchange 
with the catalyst. As vanadium pentoxide is known to reduce upon heating 
and in a 	 a standard state for the catalyst L. difficult to 
define. High initial rates of adsorption and exchange may be due, in 
some of the work below, to the use of a partially reduced catalyst for the 
experimental work. 
It has been well established (28-33,46,47,51)  that a reduction 
of vanadium pentoxide to lover oxides occurs during catalytic reaction., on 
heating and in vacuum. Simard at al (28) studied the structure of vanadium 
pentoxide catalysts after reaction with o-xylene. A catalyst which had 
been used for the oxidation of a 1.1 percent o-xylene feed strew was found 
to contain the crystafline phases V 205 , V0 and V204 (also called V12026 
and V6013). Their electron diffraction measurenents indicated 
overlaid V 
2 0  4 and was therefore the surface exposed to the reactant gases. 
When the catalyst vu used to oxidise a 3.3 percent o-xylena stream with 
oxygen still 100 percent in excess of that required for phthalic anhydride 
and water formation, a hot spot progressed down the packed bed reaching 
1400C above the bed control temperature at the exit end. The catalyst in 
the bed was found to be completely inactive and its activity could only be 
restored by long heating in oxygen. V 204 , with some V203 at the exit end, 
were the only oxides found, and were thus considered to be catalytically 
inactive. The authors conclude that V2031  V204 and oxide states between 
them are the only catalytically active formations. However, their experi- 
mental evidence does not indicate that oxide states between V 
2 0 4  and 
17. 
are inactive. 
Simard at &1 (28)  also found that phthalic anhydride and malsic 
anhydride were formed when a 1.1 percent o-zylene in oxygen free ntrogsn 
stream was passed over a vanadium pento$de catalyst. The catalyst was 
reduced to give V205-4.34  and traces of V204 . They conclude, from 
this result, that the hydrocarbon reacts with the lattice oxygen during 
catalytic oxidation reactions. However, as they present no rates for the 
above process, it is not possible to say whether this reaction, with the 
oxide, is Important compared with other possible reactions. 
Ushakova at al (51)  found that, during the oxidation of 
naphthalene, vanadium p.ntoxide reduced to a state between V 2 0 4  and 7205 . 
The extent of the reduction was dependent upon the conditions of the 
reaction, is. the concentrations of oxygen and hydrocarbon and the tempera-
ture. They also found that a catalyst cxapos.d of an oxide structure 
close to V204 would oxidise during reaction to give the some catalyst 
composition as obtained from a vanadium pantoxide catalyst used under the 
same conditions. The activity of the catalyst varied with the oxidation 
state over certain limits, however, as it become more reduced there was 
little variation in activity. 
The work of Simard at al (28)  and Ushakova at 	 do not 
indicate how important a part, kinetically, the lattice oxygen plays in 
the overall reaction. Studies of the isotopic exchange of oxygen with 
the catalyst and the bomolytic exchange of oxygen on it have been made in 
an effort to determine whether the adsorbed or the lattice oxygen is the 
most active. The reservations mad* at the beginning of this section must 
be borne in mind during the following brief discussion. 
18. 
Sinard et al (2R) found irieversible oxygen adsorption occur-
ring at 4000C on vanadium pentoxide. Margolis and Plyshavekay€ 27 found 
irreversible activated adsorption of oxygen can vanadium pcntcaxide at 
2500, 350° and 450°C. The amount of adsorption, however, is small, 
(") amounting to only a few percent of a monolayer 	. Thus both adsorbed 
oxygen and lattice oxygen are available for chemical reaction. 
The study of the exchange reactions of oxygen with the catalyst 
have not, unfortunately, added much to the understanding of the oxygen 
35) 	 (27) mechanism. hargolis (34, and rargolis and Plyshevskaya 	have found 
no evidence of oxygen exchange with vanadium peutoxide and very little 
with the tstraoxide until a temperature in excess of 400C is reac -ied. 
They have calculated that the rate constant for bomolytic exchanges of 
oxygen is less than that for the isotopic exchange with the catalyst. 
Their conclusion is that the homolytic exchange of oxygen proceeds by way 
of molecules and atoms, with their data supporting a sccne irvolving 02 
ions for low temperature oxidations and 0 or 0 ions at higher temperatures. 
Further, as the rate of isotopic exchange is much less taan the rate of 
catalytic oxidation reactions, they conclude that the process cannot go 
through an oxidation/reduction cycle of the catalyst. 
(6) 	 (37-") oreskov 	and Boreskow at al 	- have found that the 
rates of homolytic and isotopic exchange of the oxygen are equal. They 
(27 4,35) conclude, in contradiction to Margolis at al 	 , trat a snail 
fraction of the surface oxygen, with a definite binding energy, participates 
in catalytic oxidation reactions. Boreskov 	does, however, qualify 
this in his review article, saying that there in insufficient evidence to 
draw any conclusions concerning the surface oxygen. 
19. 
(2) 
3hattacharyya at al 	foun evidence of oxygen mobility in 
the crystal lattice at 520°C and Clark and Beret's 	work indicates the 
tfl—ann temperature, the temperature at which oxygen defect equilibrium 
Is established in a reasonable time Is approximately 350 °C. This means 
that the bulk oxide will continually alter its oxygen content to remain 
in equilibrium with the surface. Thus, in many cases, the bulk properties 
of the oxide may be considered representative of the surface. Only the 
surface of the catalyst will participate directly in the reaction, any 
defects on the surface being kept in equilibrium with the bulk oxide. 
The evidence given in this section does not allow any conclusion 
to be reached concerning the role of the catalyst in oxidation reactions. 
It is unlikely that the study of the oxygen exch ange reactions in isolated 
systems will provide much definite information on this subject as many 
catalytic effects are competitive and processes occurring in a pure oxygen 
system may not be the important steps in hydrocarbon oxidation. 
1.6 	Product Yorinotion (l)j4 aphthj 
The formation of phtbalic anhydride, 1,2 and 1,4 naphthaquinoma, 
maleic anhydride, benzoic acid, water, carbon dioxide and carbon nonoxide 
may result from the oxidation of naphthalene. Most authors agree that the 
system can be represented by the reactions shown in Figure 1.3. 'a1eic 
anhydride has been grouped with the complete combustion products as this 
compound is not usually found in large amounts. There is some disagreement 
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M 4 t r:tit, between the rate of formation 
of 14 naphthaquinone and the rats of formation of pbthalic anhydride was 
approximately 1.7 to 1.8. As this ratio renamed essentially constant 
with changes in naphthalene and oxygen concentrations, he concluded that 
the tvo reactions were simultaneous and kinetically the same, with oxygen 
adsorption being the rate controlling step. Thus 14 naphthaquinons is 
not an 1nterr.ediare in the oxidation of nephtbalere 0 pht'al{c anhydride. 
loffi and Shercan(4  also conclude that 1,4 nephthaquinone 
cannot be an important fntersediate. They studied the oxidation of 1,4 
naphthaquinone and phttialtc anhydride in an attempt to elucidate the 
nechanis of the overall reaction. First order rate constants were 
calculated to cocare with the naphthalene dissppeararce rate constants 
reported in their previous paper(l3).  The oidaticn of 1,4 rpbthaquinona 
was found to lead mainly to the complete combustion  prodiete with only 
mall 	unto of phthalic anhydride beivZ formed. because of the high 
selectivity of the overall reaction to phthalic anhydride and the very 
low (less then 25 percent) selectivity of the 1,4 naphthaquinona oxidation 
to phthalic anhydride, 1,4 naphthaquinono cannot be an important inter-
mediate. 
Brown and Fraser 15 , using a vixsd h.teropoly acid catal7st 
have found that the combustion of 1,4 naphthaquioone leads to three tim.s 
as such complete combustion and a such smaller phthalic anhydride yield 
than the cor-bustion of naphthalene. Thus the oxidation of 1,4 nsphtha-
quinotie is not an iportant step in phthalic anhydride formation. 
loiter et al 	also conclude that a parallel asehanism 
exists for the formation of 14 naphthaqutnone and phthalic anhydride from 
20. 
It. 
naphthalene oxidation. They also suggest that the two reactions occur 
on different catalytic sites. 	Their r,,ctuaions, however, have been 
reached by cor-siderirn the iiipltcatiors of an empirical equation: 
kC C no 
11 
(1 + bC) (1.17) 
anii must, therefore, be vioved with some reservations. 
Uaova at 81 (25)  concluded, on examination of their kinetic 
date. that, athoii Clic, oxidation of n*phth&lee can proceed by a con-
secutive sc.4mm. the fut.dacnt1 r2echanirn of the reaction consiits of an 
array of pare11.1 processes. The equations they propose (oxygen concentra-
tion constant) are 
C 
1 	•'- 	C 14AA '4AA , 
eb 
NO 	Uiin 
P 	k 	C 
	
(37.4) 	 (118*) 
(31.6) 	 (l.iSb) 
(32.7) 	 (1.180 
(17.2) 	 (l.lSd) 
(the activaticr energies 1 r. z cal/1c are given in parenthsaa after each 
equation). 	sing the puthors' values of the race coestante, the rates at 
410°C for a uphtha1ene concentration of 10 x 10 5  molos/!Ltre war. 
calculated (in moles/sac. gm cat.) 
- l. " 10- 6 	 (l.V)a) 
- 1.5 x 10 	 (1.19b) 
• 1.1 x lC 	 (1.19c) 
- 7 v 
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The low rate of naphthaquinons formation is inconsistent with the results 
of Calderbank 16 , Miter (24)  and toffs and Sherman (49)  . all of 
whom found the rate of formation of 14 naphthaquinone approximately the 
sea, as the rate of formation of phthalic anhydride. Ushakova . 
have suggested a model which contains more adjustable parameters than their 
data justifies. As their temperature and napbthalene concentration ranges 
are small, it is not surprising that they obtained a good first order 
approximation in two cases and simple power law expressions in the other 
two cases. 
She is tad at al (23) concluded, in contradiction to the above 
discussion, that 1,4 naphthaquinone and 1,2 naphthaquinoca are very 
important intermediates, with all the pbthalic anhydride formed through a 
parallel/consecutive route. 
1.4 naphthaquinone 
naphthalene 	 phthalic anhydride 
1,2 naphtl-.aquinone 
Thcir corc1uion is based on the fact that the concentration of 1,4 
naphthaquinone decreased with an increase in residence time. This 
decrease in 1,4 naphthaquinooe concentration, however, is most likely due 
to the oxidation of 1,4 naphthaquinone to form carbon dioxide with only a 
sra11 amount of phthalic anhydride as mentioned earlier. 
Alessandro and Parkas (19)  state, at one point in their paper, 
that 1,4 naphthaquinons is not an important intermediate. however, fron 
calculated rate corstrts for tc si: retctiona in Figure 1., they eon- 
23. 
elude the system may be reduced, for design purposes to: 
naphthalene 14 nsphth.quinou. • phthalic anhydride s carbon dioxide. 
They have evaluated first order rate constants for the reactions in 
Figure 1.3 to obtain the above result. This, again, may be a case of 
attempting to extract more information from a set of experiments than is 
warranted by the data collected. 
1.7 	Product Formation (2) , Phthalic Anbydride 
Section 1.6 indicates that the formation of pbthalic anhydride 
most likely occurs directly from naphthalene with only a small smount coming 
from 1,4 naphtbsquinoue. The further oxidation of phth&lic anhydride to 
mal.ic anhydride and the carbon oxides is the only other reaction involving 
phtbalic anhydride which is likely to occur. 
loffe and Sb.unan 49 found the rate of oxidation of phthalic 
anhydride to be very much less than the rate of naphthalene oxidation. 
Comparing their results on the cowl,ustion of phthalic anhydride with their 
previous work 	they found that the oxidation of phthalic anhydride gave 
only 21 to 24 percent (at 270° and 331°C respectively) of the actual 
combustion occurring during naphthalene oxidation. 
Hughes and Adams' 	study of the oxidation of phthalic 
anhydride has, unfortunately, no naphthalene oxidation data with which to 
compare it. liovever, their temperature range, 497 ° to 5750C, suggests 
difficulty in oxidising phthalic anhydride, on a vanadium pentoxide silicon 
carbide catalyst, unless temperatures well in excess of the normal 
naphthalene oxidation temperatures (approximately 3000 400°0 are used. 
The authors found that the following equation satisfactorily described 




where A and B are constants and p is the partial pressure of phthalic 
anhydride. It is interesting to note that this is identical in fore to 
equation (1.10), and, thus, Hughes and Mau' 	results fit the steady- 
state theory. Below 76 uta Hg. oxygen partial pressure, they found a 
decrease in the. oxygen partial pressure resulted in an increase in reaction 
rate. They attribute this to a reduction of the catalyst to a more active 
fore. 
1.8 	Product Formation (3) ., Conclusion. 
The conclusions which can be drawn from the literature con-
cerning the formation of products, are limited and very qualitative. 
The parallel reactions producing 1,4 naphthaquinone and phthalic anhydride 
from naphthalene appear to be the main steps of the mechanism. The 
formation of phthalic anhydride from 1,4 naphthaquinone and the further 
oxidation of phthalic anhydride do not appear to proceed at a significant 
rate. 
Very little has been mentioned concerning the formation of 
complete combustion products. Xorneichuk 52 found only about 10 percent 
of the complete combustion products exist as carbon monoxide at 4000C. 
It will probably not be possible to find the importance of the various 
24. 
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carbon dioxide forming reactions until much more exact information is 
available concerning the 1,4 naphthaquinona and phthalic anhydride reactions 
as both of these products (as well as naphthalene) may oxidise to carbon 
dioxide. 
1.9 	Cor.q,arison of Results 
The comparison of the results obtained by different researchers 
is almost always a difficult task. The use of different experimental 
procedures equipment and materials make direct comparisons impossible in 
many cases. 
One of the major differences between the work discussed in the 
earlier sections is the degree of conversion at which the experiments are 
performed. Some workers have used differential reactors, limiting their 
conversion to approximately 10 percent, vtiereas others have worked up to 
essentially 100 percent conversion. At low conversions the high naph-
thalene concentration may mask important affects on the reaction due to 
the products • and at high conversions the reverse may be the case. A 
similar situation occurs when high and low naphthalene concentrations are 
used in different experiments. In one case a zero order reaction may be 
found and in the other a first order dependency. 
The use of a slightly different catalyst or support can give 
much increased reaction rates or selectivities. Unfortunately there 
has been no study of these effects for the oxidation reactions on vanadium 
pentoxide catalysts. Such a study would enable the available information 
to be correlated such more precisely and might have a more general application 
26. 
in the light of what appears to be a cor,,or rate quat-or for t1 ip cr,.dation 
of various hydrocarbons on vnuxi. of'o catalysts. 
1.10 
The reaction of naphthalene with oxygen and ammonia over a 
vanadium pentoxide catalyst may lead to the formation of o-phthalonitrile, 
phthaliuiide, benzonitrile, water, carbon dioxide and carbon monoxide. 
Phthalic anhydride, various nitriles other than o-phthalonitrile, and the 
combustion products of ammonia may also result to some degree. Of the 
various products, o-phthalonitrile is the most important industrially. 
Although much literature exists pertaining to ainoxidation, 
there is little directly concerned with naphthalene ammoxidation. 
Gilliatt 1 (53)  a 	review of the literature up to 1967 and a brief survey of 
more recent papers by the author indicate that there is little information 
on arnmoxidation of general application. 	In view of this, only a brief 
review of those publications directly relevant to naphthalene and to the 
limited experimental ammoxidation work performed in this project will be 
presented here. 
Aries 	has patented a process for the production of o-phthalo- 
nitrile from naphthalene using a metal or metal oxide catalyst. He states 
that vanadium oxides are the preferred catalysts, giving yields of up to 88 
percent. Although only two moles of ammonia are theoretically required 
per mole of naphthalene, Aries 	states that at least four moles are 
preferable in practice. Increasing the ammonia to naphthalene ratio to 
greater than twenty, however, offers no advantage. 	Similarly, although 
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only 4.5 moles o o:'agert are theoretically required per mole of nephthalen. 
at least twice that amount is recommended. The optimum temperature range 
given is 350-525°C. 
More specific information is available from Ogata at 
and Ci1liatt 53 both of Vhom have studied the reaction in a small fixed 
bed reactor. These authors found that increasing the aiionia to naphthalene 
ratio resulted in higher o-phthalonitrile yields and smaller phthaliinide 
yield.. Gilliatt 53 also found an increase in the b.nzonitrile yield. 
whereas Ogata at ci 	do not mention this compound. 
A possible explanation for the increase in o-phthalonitrile 
yield with annonia at the expense of plithalimide has been advanced by Ogata 
at *1 	If an equilibrium between the two compounds exists in the form 
0 
1 1 
N - fi + ITH 3 
11 
CN 
- 	I 	I 
CN 
an increase in attouia will drive the reaction to the right producing more 
o-phthaloni true from phthalimide. 
Ogata at ci (60) have made the assumption that the concentration 
of water will be essentially the same for runs of similar naphthalene con-




where CpCblg CpM and CjM are the concentrations of phtbclonttrile, 
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phthalimide and ammonia. This is only a good approximation of the equi-
librium if the naphthalene throughput is the 8C for the runs considered. 
Data presented by Ogata et al 
(60) 
 show that K' is a constant 
over a range of ammonia to naphthalene ratios of 10 to 80. 	17,illiatt (53) 
presents data that give constant values of K' and also some that shows a 
marked variation in this value. 	He, however, has not taken data at 
constant conversion and naphthalene input. Data presented in Table 1.2 
illustrates that, taking Gilliatt's 53 results at approximately 60 percent 
conversion, with a naphthalene feed rate of roughly 9 x 10 moles/min., 










332 40.7 10.2 .012 
222 23.6 9.6 .011 
385 37.9 7.1 .014 
222 25.9 11.7 .010 
222 7.8 3.3 .011 
Although there is not a large variation in the amnxnona concentration, there 
is a very large variation in both o-phthalonitrile and phthalinide. Thus 
both Ogata et al (60)  and Cil1iatt's 53 data tend to support the equilibrium. 
Ci11iatt 5 has also noted a possible formation of benzonitrile 
from phthalitnide. However his data are not detailed enough to establish 
this reaction. 
2. 
Cf iIjatt 53 has found the overall avsaoxidation reaction 
sensitive to the azmonia-oxygen ratio. With a ratio of 3.5 to 1 a maximum 
occurred in the o-phtbalonitrile yield and with a ratio of 12 to 1 a 
maximum pbthalimide yield occurred • Both of these maxima were at the 
expense of the benzonitrile yield. 
In the temperature range studied, 4100  to 470°C, a maximum in 
the conversion of naphthalene occurred at 4500C. Catalyst used at 470°C 
was found to be less active when re-used at the lower temperatures. This 
indicates a possible change in the catalyst at high temperatures. 
No kinetics have been presented for this reaction. Ilovev•r 
some indications of possible mechanisms have resulted from Ogata et al 
and Cil1iatt's 53 studies. Equilibrium may exist between o-phthalonitrile 
and phthalim.td., and bensonitrile may be formed from phthalinaide. It is 
likely that the reaction does not occur through a phthalic anhydride inter-
mediate as only Ci11iatt 53 has mentioned this compound occurring and 
then only occasionally in trace amounts. it is possible that phthalic 
anhydride forms and reacts very quickly with ammonia, but a more direct 
route seems likely. 
The reaction is complicated to a large degree by the possible 
effect of ammonia on the catalyst. Dixon and Longfield 61 report what 
they call 'strange results' for oxygen adsorption on vanadium pentoxide 
after the catalyst had been exposed to ammonia. As vanadium pentoxide is 
readily soluble in alkaline solutions (62),  the presence of ammonia may 
result in the formation of various polyvan.adates such as: 
(NH4) 2 V6016 
and 
(Nfl4) 2 (v02)V3 014 
Cilljatt 53 found that ammonia may also react with the carbon 
dioxide formed during the reaction to form inorganic precipitates, possibly 
ammonium carbonate or carbamat•, that effervesced when acid was added to 
the product solutions. 
Because of the complexities of the me oxidation reaction it is 
unlikely that much progress will be made in elucidating its mechanism and 




EERT.W1AL EQUIPMENT AND PROCEDURE 
2.1 	Choice of Reactor 
For the study of reaction kinetics it is necessary to have a 
reactor that can be operated isothermally and for which the effect of 
mixing can be accurately predicted and allowed for in the subsequent calcula-
tion.. The oxidatioii and axidation of naphthalene are highly exothermic 
and it is therefore necessary to have a reactor system with good heat 
transport properties. 
Cilliatt 53), using a I inch diameter packed bed reactor for his 
work on the anmozidation of naphthalene, found hot-spots occurring in the 
first I inch of his bed with temperatures as much as 50 0C above the average 
bed temperature. Because of the difficulty in eliminating such hot-spots 
and the risk of having thu occur undetected, a packed bed reactor was con-
sidered unsuitable for this work. 
Three other types of reactor capable of giving isothermal con-
ditions vera considered: 
diluted catalyst fixed bed reactor 
fluidised bed reactor 
stirred catalytic reactor. 
(1) 	Gi1liatt 53 found that diluting the catalyst with inert material 
eliminated the hot-spots in his packed bed reactor. Theoretical work by 
Caldsrbank at al (54) (Appendix 1) showed that a bed of catalyst diluted with 
32. 
inerts rave much imnroved temnerature sta*nilitv and offered some decree of 
control over radial and loncitudinal temperature rd{ett. 	To calculate 
the dilution required to achieve isothermal conditions a knowledge of the 
reaction kinetics is necessary. 	For this reason the desi-n of a diluted 
bed reactor for kinetic measurements would necessitate a trial-and-error 
procedure to determine the correct amount of dilution. 	ee'use the 
xn{pirnxr, mount of dilution varies as a function of the reactior renditions 
(i.e. temperature, reactant concentrations and residence time), the r'ictor 
would probahlv need repacking many ti' 	rr-- a seriec of 1-inotic experi- 
ments. 	This not only would be ver" t4 	opprrc- '- uf the 	t'13l 
changing of catalyst would also limit the study of possible cntalvst 
ageing effects. 
A fluidised bed reactor, having a high degree of mixing, gives 
very good temperature control and performance approaching perfect mixing. 
The physical problems of this reactor, however, make it less attractive for 
experimental work. Attrition of the catalyst and the subsequent carry-
over of the fines would vary the size and amount of catalyst in the reactor. 
Pines deposited in the heated exit lines or on a filter disc would give 
further reaction outside the reactor. 	The flow rates required to fluidise 
the catalyst would create a problem in disposing of the unreacted ammonia 
and probably prohibit the use of gas cylinders for feedstock. 
Carberry and Gillespie C 	have developed a stirred catalytic 
reactor which gives essentially perfect mixing at high stirrer speeds. 
This reactor eliminates both temperature and concentration gradients in the 
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Fig. 2.1 SCHEMATIC DIAGRAM OF APPARATUS 
and the reaction rate are measured directly. A stirred catalytic reactor 
has also been developed by Iap.rial Chemical Industries Central Instrument 
Laboratories 56 , which is better than the Carberry design. The I.C.I. 
reactor does not require a stirrer gland as the shaft is driven through a 
magnetic coupling. Commercial catalysts of varying size and shape can 
be accommodated in this reactor and the changing of catalyst is a quick 
and easy procedure. 
A stirred catalytic reactor similar to the I.C.I. design was 
considered to be the best system. The Central Instruments Research 
Laboratories agreed to lend a reactor for this project and this was used 
for all the experimental work. 
2.2 	General Des cripon of Apparatus 
A general description of the apparatus is given here and 
individual items are discussed in more detail in the following section. 
The apparatus is shown schematically in Figure 21. 
The air and oxygen were supplied from high pressure gas 
cylinders; the ammonia from a liquid cylinder. Pressure regulators were 
used to reduce the gas pressures to 4 p.s.i.g. for oxygen and air, and 
20 p.e.i.g. for ammonia. The higher pressure for atmonia was necessary 
as the regulator was unstable at lower settings. The air cylinder was 
connected in parallel to two rotters, one metering the reactor bleed 
stream and the other the air supply to the reactor. The oxygen cylinder 
(onia during mmnoxidation) was connected to a third. All three flows 
were controlled with needle valves. The rotemeters were supplied by the 
33. 
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Rotetsr Manufacturing Company and had the following flow ranges for 
sir at 150C and 1 atmosphere of pressure: 
Reactor bleed andammonia/oxygen 	10-100 ml/min 
Reactor air supply 	 20-200 ml/min 
The needle valves and the metal couplings on the amonia/oxygsn rotameter 
were stainless steel; mild steel was used for the air rotemeters. 
The reactor air supply and the ammonia/oxygen streams were 
mixed after passing through the rotemeters and the line pressure was 
measured with a mercury manometer. As this never exceeded 1.8 cm. Ug* gauge 
no pressure correction was made to the rotameter readings. The combined 
flow was than passed through a bubbler containing liquid naphthalsne at 
constant temperature. The gas stream from the bubbler, containing 
naphthalene vapour, was split and entered the reactor through two ports in 
the top of the vessel. The lines from the bubbler to the reactor were 
heated with heating cord and insulated with asbestos tape to prevent the 
condensation of naphthalene. 
The reactor was a stirred catalytic reactor with the catalyst 
contained in a rotating basket. The basket was driven by a variable 
speed D.C. motor through a magnetic coupling. The speed of rotation was 
indicated by a tachometer connected to a reed relay. The reactor 
temperature was measured with three nickel-chromel/nickei-alumsl thermo-
couples connected through a selection switch to a potentiometer and a 
millivolt recorder. A Perkin-Elrosr Precision Oven was used to beat the 
reactor and control the temperature. The air bleed stream was fed down 
the drive shaft to the reactor to inhibit diffusion of the organic cam-
pounds up the shaft where they might condense on the bearings. 
The reaction products left the reactor through an outlet pipe 
located In the bottom of the vessel and were fed to a glass collection 
tube where the organic components were precipitated with a 6000 volt 
electrostatic precipitator. The exit gases from the collector were 
exhausted through a water ejection pp. The lines from the reactor to 
the collection tube were heated with heating cord and insulated with 
asbestos tape to prevent condensation of the reaction products. 
All tubing, except the two 1/ inch o.d. stainless steel 
reactor inlet lines, was 	inch o.d. stainless steel with stainless steel 
British Ermeto fittings being used for the necessary connection.s and 
elbows. 
2.3 	Detailed Description of Main Items of Equipment 
2.3.1 	Naphthalene addition. 
Naphthalene was added to the reactant mixture by bubbling the 
Inlet gases through liquid naphthalene. The bubbler, a 250 ml. Quickfit 
Drech.el Bottle with porosity '0' sintered head, was {rsed in a liquid 
paraffin constant temperature bath which gave temperature control within 
± 0.10C. A thermocouple was originally placed in the bottle to measure 
the vapour exit temperature. However, as this always corresponded to the 
bath temperature, the bath temperature only was recorded for the majority 
of the runs. 
Great care was always taken to ensure that the gap between the 
surface of the paraffin bath and the heating cord, which was wrapped around 
the outlet of the bubbl.r, was as small as possible. Also, the glass 
35. 
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above the lianid level was always heated well above the bath temperature 
to ensure that condensation of naphthalene did not occur. 
The connection of the stainless steel tubing to the glass 
bubbler presented several problems. As vibrations from the reactor drive 
and the bath stirrer would be transmitted along the stainless steel tubing, 
a flexible joint tins required to avoid breaking the 14  inch o.i. glass 
tubing on the bubbler. It was necessary for the connection to be easily 
broken and reformed as naphthalene would have to be added to the bubbler 
periodically. The joint also had to withstand a direct heat application 
of about 4000C from the heating cord. 
A Quickfit screvcap joint, similar to Figure 2.2(a), was 
tried on the equipment. The joint consisted of a tubular glass section, 
threaded at both ends, with an inside diameter sufficient to allow the 
tubing to fit loosely inside It. A threaded plastic cap compressed a 
silicone rubber ring around the tubing and against the glass section at 
each end giving a gas-tight seal. A slight degree of flexibility was 
given to the joint by the rubber ring. Breaking the joint only required 
the caps to be loosened and the tubing withdram. 
This joirt proved satisfactory in all aspects, the one exception 
being that the plastic cap could not withstand the direct heat application. 
Wrapping the cap with asbestos cord was satisfactory to some extent, but 
the different expansion rates of the glass and plastic frequently caused 
the cap to crack. To overcome this, brass threaded caps were made 
(Figure 2.2(a)) which proved completely satisfactory. As the brass 
expanded more than the glass, a slight tightening of the cap at temperature 
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Fig. 2.2 GLASS TO METAL JOINTS 
was necessary to obtain a leakproof seal. There was no noticeabi.e 
deterioration of the silicone ring except for a alight initial hardening. 
2.3.2 	Reactor. 
The reactor, shown in Figure 2.3, was a stirred catalytic 
reactor on loan froni I.C.I. Central Instruments Research Laboratory. 
The reactor consisted of a cruciform catalyst basket rotating 
in a 60 CM3  reactor pot. The basket was bolted to the bottom of a shaft, 
12 inches long, which was completely enclosed and ran on enclosed bearings. 
The shaft was driven by rotating an outer casing which contained permanent 
magnets locked on magnets located in the top section of the shaft. The 
lower section of the inner magnet provided a signal for a tachometer 
through a reed relay. An air bleed inlet pipe in the shaft casing 
provided a small flow of air, about 10 percent of the total feed to the 
reactor, which prevented diffusion of the organic compounds up the shaft 
where they might solidify on the bearings. A thermocouple port in the 
shaft casing allowed the shaft lower bearing temperature to be checked 
as this should not exceed 60°C. The outer magnet casing was driven by a 
14 h.p. D.C. motor through a v-belt. The power supply to the motor came 
from a rectifier-speed control unit. A maximm basket speed of 4000 
r.p.m. was obtainable. 
The top plate of the reactor pot (Figure 2.4(a)) contained 
two inlet ports, three thermocouple ports and a pressure tapping. The 
inlet ports were positioned on opposite sides of the shaft and fed directly 
onto the outside edges of the catalyst basket. The shaft was not con-
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(b) REACTOR POT AND CATALYST 
BASKET 
allowed the temperature to be measured directly over the catalyst basket, 
in the middle of the *mswpt volume of the reactor and at the bottom of 
the reactor near the outlet port. Because the products would solidify 
in the lines, no pressure measurements were taken and the pressure tapping 
was sealed. The reactor pressure would be essentially atmospheric, in 
any case, as the exit line was open to atnosrhere. 
The reactor pot (Figure 2.4(b)) had four baffles on the bottom 
running radially from the centre of rotation of the basket to the walls. 
An outlet pipe was located ir the bottorn rf 	hi the area uns'wpt by 
the basket. 	The catalyst basket, witlu, an 	pr:irtc carity  of 4 cm3 , 
had perforated plates top and bottom and wire mesh aides. An asbestos 
gasket was used to seal the reactor pot to the top plate. 
All parts of the reactor in contact with the reaction mixtures 
were of stainless steel with the exception of the basket mesh which Was 
nickel. 
The flow of gas in the reactor is extremely complicated and 
the degree of mixing cannot be calculated. The gas entering the reactor 
strikes the edges of the whirling catalyst basket from above and is swept 
around with the basket. Five factors slow the rotational speed of the 
gas and change its direction to allow the basket to sweep through the 
reactants. These are: the inertia of the inlet gas, the friction of the 
reactor walls, the eccentric centre of rotation of the basket, the baffles 
along the bottom of the reactor, and the location of the exit port. 
Pulse response studies and reaction work by I.C.I. have 
determined the speeds required for perfect rixing at various inlet flow 
rates (5657) . At 2400 rev./min., which was used throughout this work, 
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flow rates of up to 0.7 litres/mm. will still give a well mixed reactor. 
Poor mixing does not occur until flow rates in excess of 1 litre/Min. are 
reached. The maximum flow rate possible from the equiptient used in this 
study is only 0.4 litres/mm. and, in actual fact, the flow rates never 
exceeded half of this figure. 
A Perk in-Purer Precision Oven was used to heat the reactor 
and gave temperature control within ± 1°C. A IV2 inch thick asbestos 
block, cut to fit the shaft casing avd the inlet and outlet lines, was 
used as a lid for the over. A maximum, temperature of 48! °C (oveu maxi-- 
- 500°C) could be achieved. The oven was supported on screw jacks 
which enabled it to be lowered easily for catalyst changing. 
2.3.3 	Product collection. 
The products were solidified out of the exit gas stream by 
passing the flow through a 1 2 inch id. 'L'-shaped glass tube which was 
at room temperature. A small bulb at the bottom of the L retained any 
liquid condensed. An electrostatic precipitator was used to precipitate 
any solid particles small enough to be carried out of the collector by 
the exhaust gases. Approximately 5300 volts were applied across the 
electrodes from a 240-6000 volt transformer, the input voltage of which 
was controlled by a variac. The outer electrode was copper gauze 
wrapped around the top third of the collection tube. The inner electrode 
was a thin steel rod held in place by a rubber stopper through which it 
was pushed. A piece of glass tubing inserted through the rubber stopper 
directed the exhaust gases to the suction line. This line, with a water 
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ejection pump supplying the vacuum, was placed near the exit to remove 
any organic compounds or atisnonia from the atmosphere. It was not coupled 
directly to the system. When samples were not being collected, a U-shaped 
glass tube, which gave twice the length for condensation, was used to 
collect the solids and any entrained solid was removed through the auction 
line. 
The coupling of the two 	inch o.d. glass collection tubes to 
the 1. inch o.d. stainless steel tubing from the reactor presented pro-
blems similar to those experienced with the glass to metal joint for the 
bubbler. That is, the joint had to be flexible and withstand a direct 
application of heat from the heating cord. In this case the joint had to 
be made and broken almost instantaneously for accurate timing of the 
collection runs. As the pressure in the collector was atmospheric a 
simple compression joint (Figure 2.2(b)) was considered adequate. The 
glass section of the joint used was a Quickfit ground glass ball joint 
which fitted into a machined stainless steel cone. The back section of 
the cone was reduced to 14  inch o.d. enabling connection to the stainless 
steel tubing to be made through a standard British Ermeto coupling. 
The collection tube was held in place by spring clips. The sealing 
pressure came from the flexibility in the tubing leading from the reactor. 
The joint was leakproof when new at 10 p.si.g. and when tested at 3 cm. 
Hg. gauge throughout the expeririental work. 
2,4 	Analysis Equipment 
40. 
All the organic compounds, naphthalene, phthalic anhydride, 
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phthalonitrile, phthalinide and naphthaquinone, were analysed using a 
Perkin-Elmer, nodal 711, Gas Chromatograph. A schematic diagram of the 
basic lay-out is shown in Figure 2.5. The chronatograph was a dual 
column unit with a hydrogen flame ionization detector. A linear tempera-
ture progrr was used to assist separation of the compounds and an 
electromechanical integrator was used to measure the peak areas. 
The supply gases, nitrogen, oxygen and hydrogen, were con-
trolled by standard pressure reducing valves on the supply cylinders. 91 
flow or pressure control unit on the nitrogen carrier gas supplies is 
recommended for dual column use in most cases. however the analyses 
necessary for this work used a minimum attenuation of 5 x 102 and the 
pressure reducing valves gave satisfactory performance in this rang.. 
The air and hydrogen pressures were 29 and 11 p.s.i.g. respectively as 
these gave a high signal output combined with good stability for the 
analyses carried out. The two nitrogen flows were adjusted to give a 
balanced signal at the maximum operating temperature. This effectively 
eliminated baseline drift due to colmn bleeding during the temperature 
program. 
Each nitrogen flow passed through an injection block, heated to 
approximately 3250C, and into the columns. Saspl.s were injected, with a 
1 microlitre syringe, through a high temperature rubber septum into each 
injection block alternately. The exit gases from the columns were ionized 
in the hydrogen flame and the ionization current from the detector was 
amplified and fed to a recorder and integrator. The recorder, a Leeds and 
Northrup Type 'W', Nodal '9', was used to check for tailing and baseline 
drift. The integrator, a Kant Chromalog, consisting of a pro-amplifier, a 




INJECTION PORTS  
R- 
BLOC K 
G 	ES 	 INTEGRATOR
R O_ 	AMPLIFIER 	
RECO 





current-to-frequency converter and a print-out counter, measured the peak 
areas. 
No analysis of the inorganic gases was made as the equipment 
available could not give sufficient accuracy to aske its use worthwhile. 
All inorganic concentrations in this work are calculated from a mass 
balance. The accuracy of this procedure is discussed in a later chapter. 
2.5 	Catalysts 
As the use of a stirred catalytic reactor eliminated the bulk 
phase temperature and concentration gradients, a low porosity catalyst was 
desired to limit the possibility of pore diffusion and thus to allow the 
determination of reaction kinetics unaffected by transport processes. 
Fused alumina and white, both having low porosities, were considered 
suitable supports for a vanadium pentoxide catalyst. As the low impurity 
content of fused alumina was similar to that found in more porous industrial 
catalysts, this support was chosen for the kinetic runs. 
The various catalysts used are listed below. The supports of 
those marked '17cC' have been coated by United Coke and Chemicals Limited 
with their standard oxidation catalyst. 
Catalysts 3-7 (MC) 
1.52 8n02 on 952 (nominal) fused alumina. 
size range: 0.1319 - 0.1102 inches 
surface area: c 1112/9 
apparent porosity of support: c 52 
chemical analysis of support: > 992 alumina 
Catalyst 8 (17CC) 
3.52 V 2 05 . 1.52 Sn02 on 952 (nominal) 'nullite 
size range: 0.125 - 0.04 inches 
surface area: C lin2/g 
apparent porosity of support: 8-112 
chemical analysis of support: 
A1203 - 72.72; Si02 - 23.1%; re 203- 1.82; Ti0 2  
120 - 0.4%; CaO, MgO, Na 20 - 0.12 each. 
Catalyst 9 (IJCC) 
3.5% V05 , 152 Sn02 on 95% (nominal) alumina 
size: 0.125 x 0.188 inch pellets 
surface area: < 1m2 /g 
porosity of support: 422 (due mainly to macro-pores) 
chemical analysis of support: 
£1203 - 87.82; Si02 - 11.2%; Te203 - 0.32; TL02 - 0.32; 
MgO, Ca0 1 Na20, K20 - 0.1% each. 
Catalyst 10 
V205 on silica carbide. 
The supplier via urible to give any more information as this 
was confidential. The particles were of various sizes and 
those of roughly -1 inch were used. 
Catalyst 11 
V205 and X.2504 on silica 
size: 34 x 	inch pellets. 




V 2 0 5  on fused alui,.ina 
size ranget approximately 1/8 	1,A, 	ehes. 
Catalyst 13 (DCC) 
Identical to catalyst 9 with a size range of 0.132 to 0.066 
inches. 
2.6 	Ch.mcals 
Naphthalene, diphenyl and 1,4 naphthnqulnone of 'Laboratory 
Reagent Grade' were supplied by British Drug Houses Limited. These gave 
only one peak when analysed on the chrometograph and were considered to be 
of sufficient purity for the work carried out. Naphthalene was also 
obtained from British Drug Houses Limited in the'Organ{c Analytical standard' 
Grade. This was used as feedstock for over half of the experimental runs. 
No difference was found in reactor performance or chromatograph calibration 
between the two grades of naphthalene. 
Eastman Chemicals Limited supplied phthalic aydridc and 
phthaliniide with purity of 95-99 percent and phthalonitrile with a purity 
of 90-95 percent. As the ammoxidation runs yielding phthal(mide and 
phthalonitrile were done mainly for qualitecive information, these compounds 
were considered to be of sufficient purity. 	The phtttalic anhydride 
calibration was checked with greater than 99 percent British Drug HOUSeB 
Limited phthalic anhydride and no significant difference was detected. 
All these compounds again gave only one peak on chromatographic aralysis. 
High purity 'Analar' grade acetone as supriled by British 
45. 
Drug Rouses Limited. 
The oxygen and nitrogen cylinders were obtained from the 
British Oxygen Company, and had greater than 99.9 percent purity in both 
cases. Imperial Chemical Industries supplied the anhydrous asonia. 
Non-basic impurities, mainly air, were determined to be less than 1 percent 
4 
	
by bubbling the gas through IN hydrochloric acid. 
2.7 	Experimental Procedure 
2.7.1 	Kinetic runs. 
The constant tetTerature bath ran continuously as four hours 
were needed for it to become stable at the required temperature. All 
other parts of the equipment were switched off until needed. 
The oven was switched on approximately twenty minutes before 
the run was to begin. When the reactor was within five degrees of the 
required temperature the heating cords and the motor were switched on and 
the stirrer adjusted to an indicated 2500 r.p.m. As soon as the lines 
were hot, the gas flows were turned on and adjusted to the required rates. 
The reactor temperature was checked carefully during the first few minutes 
as it tended to increase as the reaction progressed and necessary correc-
tions were made to the oven control. 
The reaction was allowed to proceed for at least 45 minutes 
to an hour to ensure that steady-state conditions had been reached. 
During this time the off-gases were passed through the li-collection tube 
and exhausted throuth the vacuum line. The flow rates and temperatures 
were continually checked and adjusted, if necessary, throughout the run. 
The first sample was taken with the L-collection tube approxi-
mately one hour after the reaction had begun. The V-collection tubs vas 
removed ten seconds before the collection was to start and the L-tube 
coupled when the timed collection was to start. The precipitator leads 
were then itmiediately connected and the transformer turned on. Because 
of the size of the tub*,tha precipitator was always on veil before any of 
the product mist neared the tube exit. The duration of the collection 
was fifteen minutes, sixteen or seventeen minutes in $ few instances, 
timed to within a second. The precipitator was turned off ten seconds 
before the and of the collection time. A. all the products were precipi-
tated two-thirds of the way up the tube, no solids escaped during the last 
ten seconds. At the and of the collection time the tube was disconnected 
and waved in the air with the top end sealed. This procedure cooled the 
end of the collector that had been coupled to the hot stainless steel 
coupling and prevented the products from vapourisiug and diffusing out of 
the tube. A second sample was taken in the same manner an hour and a 
half after the start of the run. 
As the solids condensing in the U-collection tube could block 
it within one to two hours, the equipment could not be left running 
unattended. The shutdown procedure was simply to turn off all the gas 
flows except the air bleed which was increased for one to two minutes to 
clear the reactor of any organics,as these might solidify on the bearings. 
When this was completed everything, except the constant temperature bath, 
was turned off. No difference in catalyst activity was noticed from one 
day to the next and as far as could be determined the shutdown procedure 
had no effect on this catalyst. 
46. 
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The room temperature barometric pressure and the line pressure 
after the rotameters, were recorded periodically during the rums. 
It must be noted that, with a stirred reactor operated at 
relatively high conversions (> 10-152), the standard kinetic procedure 
of varying one concentration while holding the others constant is impossible 
in a system where the analysis time is long. Because the inlet conditions 
immediately change to the reactor conditions, when the reaction is at steady—
state, the actual concentrations in the reactor are far different from those 
of the feedstock. The concentrations measured and reported in this work 
are all the actual reactor concentrations. 
2.7.2 	Product analysis. 
The solid products in the collection tube were washed into a 
sample bottle with three successive volumes of acetone, the total volume 
of acetone being approximately 15 ml. An exact weight of diphenyl was 
added, usually 0.1000 gm. 
The chromatograph was set to the conditions stated in Section 
2.4 with the oven at 75°C. 	Using a microlitre syringe, a 0.5 microlitre 
of the sample was injected into either column 'A' or column 'B', the 
columns being used alternately. A temperature program, which held the 
oven at 75°C for 5 minutes then raised the temperature at a rate of 
5°C/mm. to a final temperature of 175 °C, was initiated. The peak areas 
were obtained on the integrator and scaled to a standard diphenyl area 
and the amount of each component found from the calibration curves (see 
Section 3.5.1 for more detail). 
The second sample of each run was analysed twice and compared 
with the analysis of the first sample. If the agreement was poor further 
analyses were carried out. The run was noted as possibly not being at 
steady state conditions if the agreement was still poor. 
Most samples were analysed within an hour or two of collection, 






3.1 	Measuring Eguipment 
3.1.1 	Rotameters. 
The three rotameters were calibrated using air, the stainless 
steel rotameter being further calibrated with ammonia and oxygen. Three 
calibration techniques were used when the fluid was air: soap bubble 
meter, factory calibrated rotameter and water displacement. The water 
displacement method was the most accurate and these results from it produced 
a very smooth calibration curve. However this procedure was very time-
consuming and the other two methods were used to check for possible 
deviations between the points obtained by water displacement. 
Calibration for oxygen was performed using a soap bubble 
meter. The curve obtained was directly related to the curve for air and 
this allowed smoothing of the points. Calibration for ammonia presented 
some difficulties as its solubility in water precluded the use of either 
the soap bubble meter or the water displacement method. Two methods were 
finally used: liquid paraffin displacement and absorption in hydrochloric 
acid. The rate of solution of ammonia in liquid paraffin was found to be 
negligible and the displacement method produced reasonably accurate results. 
Some scatter resulted, however, due to the high viscosity of the paraffin. 
Absorbing the ammonia in a diluted volume of 1 N hydrochloric acid and back 
titrating to the methyl orange end point with 1 N sodium hydroxide produced 
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results in agreement with the displacement method. However, there was 
still scatter in the points making a calibration line difficult to draw 
precisely. A smooth curve was obtained by scaling down the results 
obtained by the air calibration using a common factor calculated from the 
average ratio of the ammonia flow rates to the air flow rates. 
	
3.1.2 	Thermocouples and Thermometers. 
All the thermocouples and thermometers used were checked 
against standard thermometers, accurate to within 0.1 0C. The corrected 
temperatures have been used throughout this work. 
The bubble thermocouple and the constant temperature bath 
thermometers were checked between 850 and 1100C in a constant temperature 
liquid paraffin bath. The reactor thermocouples were checked by placing 
them in a specially drilled brass block along with a standard thermometer. 
This assembly was placed in a flask, surrounded by alumina pellets and heated 
to a constant temperature. The thermocouples could only be calibrated to 
350°C as standard thermometers were not available above this temperature. 
However, all thermocouples were within 1.50 of the true reading at 350 °C; 
the accuracy of the potentiometer was only within 1 ° . A stem correction 
was made to the thermometer readings when necessary. 
3.1.3 	Tachometer. 
The reed relay and tachometer were calibrated using a 
stroboscope to find the r.p.m. of the outer magnet casing of the reactor. 
This value would, of necessity, be the same as the shaft speed. All the 
r.p.m. figures reported are corrected values. 
3.2 	Leak Tests 
Leak tests were performed on the system at a ten pound per 
square inch pressure when the equipment was at reaction temperatures 
before experimental work was started. Every time the catalyst was changed 
or the bubbler filled a two minute test at over 3 cm of mercury gauge 
pressure was conducted. The maximum pressure in the system during 
operation was 1.8 cm mercury gauge. 
3.3 	NVAtMleno_Addition 
It was important that the efficiency of the naphthalene bubbler 
should be measured before kinetic experiments were started, since estimates 
of the inlet naphthalene concentration were based on the assumption that 
the feed gas was saturated with naphthalene. The vapour pressure data 
available for naphthalene was quite scattered, especially at 85 °C. For 
this reason it was important that re accurate figures were available for 
subsequent calculations. Runs with no catalyst present were performed at 
bubbler temperatures of 85.5 °C and 1000C with the reactor temperatures 
kept low to prevent any homogeneous reaction. 	aphtbalene vapour pressures 
were chosen to give the least error in the close of the mass balance 
between calculated inlet and measured outlet. The gases were allowed to 
pass completely through the reaction system and were collected using the 
same procedure that would be followed during actual kinetic runs to allow an 
estimate of the system errors to be made (see Chapter 4). Table 3.1 
51. 
presents the results obtained. 
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TABLE 3.1 
Bubbler :tha1ene crcent of Input Naphthalene 
Temterature Vapour Pressure Measured in Outlet 
°C mm Lc 
5.5 10 100, 	98.7 
100 1;.2 99.9, 	100.9, 	100.8. 	9.P, 
99.8, 	99.6, 	102 
The vapour pressure data obtained is compared with that available 
in the literature in Figure 3.1. The agreement is very good with the two 
values listed above lying within the scatter of the others. The line shown 
on the graph was used for interpolating the vapour pressure data. 
These results indicate that the bubbler is efficient and that 
the errors in the system, from gas metering to analysis, are small. 
3.4 	Peactor 
3.4.1 	Time to Steady-State. 
Figure 3.2 shows the conversion and yield as a function of the 
time since startup. 	These results were taken at 331 °C, the lowest 
temperature used, and steady-state would be expected in less time at higher 
temperatures where the reaction rates are increased. This figure indicates 
that the conditions are almost constant after one hour of operation. 
3.4.2 	Homogeneous Reaction. 
A series of runs was performed without catalyst in the reactor 
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presented in Figure 3.3 with Cie çercLikt conversion of naphthalene plotted 
against the reactor temperature. Average flow rates were used for these 
experiments. 
Figure 3.3 Indicates that the hogone 
cant until a temperature of 400 0C is reached. At 
temperature used in the oxidation experiments, the 
only 5 percent. At similar itlet flow rates with 
conversions in excess of 80 percent were ottained. 
therefore made for the homogeneous reaction. 
DUS reaction is insignifi- 
0 22 C, the maximum 
degree of conversion is 
catalyst in the reactor, 
'To corr&ction was 
Only complete con1bustion resulted from the homogeneous reaction. 
There was no trace of phthalic or inaleic anhydrides in the exit stream. 
3.5 	chrome 
3.5.1 	Calibration. 
An internal marker was used to rh1c. at accurc analysis to 
be made of the prcducts. 	Diphenyl was coser. as the narker, as this 
compound  produced a peak in the region of te c.hromatorh trace 'cre no 
products occurred. 	I. total of 307 injections of 4 differctt standard 
solutiot:s was used to obtain the calibration curves. 	All the expected 
products and naphthalene were analysed se.aratcly and together to ensure 
there was no effect on the peak areas obtained due to the presence of 
other compounds. 	Excellent straight lines were obtained in all cases. 
The calibration was rechecked periodically during the project 
to ensure no change had taken place in the equipment. 
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3.5.2 	Septum Bleeding. 
During pre1inary calibration runs,when only a diphenyl-
acetone solution was injected into the chromatograph, negative peaks 
occurred on the chromatograph trace immediately after the diphenyl peak 
and just after the upper temperature limit of the program was reached. 
Temperature programmed runs were therefore conducted without injection 
into the columns and with the recorder set at zero centre. Traces similar 
to Figure 3.4 resulted. 	These 'host' peaks were present in beth the old 
columns and new colnns supplied by Perkin-lrier. 	Passing carrier gas 
through the columns for 26 !ioure at a' o'ier temperature of 200°C (the 
recommended maximum operating and conditioning temperature) had no 
noticeable effect on the peaks. 
As these ghost peaks occurred at the me tire as product 
peaks and fluctuated in size, it was necessary to elicimate them. 	It was 
eventually discovered that no ghoct peaks ocerred 	the Injection block 
was unheated. 	This indicated that the septums were bleeding coriicninds 
into the colus. 	Pretreatment of the septums was, therefore, carried 
(63) out based on the procedure developed by Taisma et al 	* 
The septums were placed on a wire aue In a 500 ml round 
bottomed flask which was evacuated with a rotary vacuur pump to art absolute 
pressure of approcimately one Inch of mercury. 	A snail flow of air was 
allowed into the flask to stop oil diffusing bach from the pump and to 
allow removal by the pump of any vapours from the saptums. A heating 
mantle was used to maintain the temperature of the fl-Inn"'. at 250 0C to 
260°C for a minimums period of 16 hours. During this time there was 
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noticeable coudansition at the neck of the flask. 	It was found, during 
the conditioning period, that the septums became brittle and therefore 
unserviceable if they were allowed to touch the heated portion of the 
flask or if the telperature rose much above 275 0 1". 
The trece.i septtns were found to be satisfactory after a 
further conditioning of 12 hours when they were installed in the chronato-
graph. For this further conditioning the injection blocks were heated 
to a slightly higher temperature than normally used and the oven was 
maintained at 203°C. Nitrogen carrier gas was continually passed through 




4.1 	jxpfrimenta1 Measurements 
The foilo'iin& quantities were measured directly during experi-
mental runs: the weights of naphthalene, pthaiic anhydride and 1,4 
naphtbaquinone hich passed out of the reactor during a timed collection; 
the temperature of the naphthalene bu'b1cr bath, the reactor teciperature 
and the room tetiperatiire atriospheric pressure; flow rates of oxygen and 
air; the weight of catalyst churged to the reactor; the collection time; 
the speed of rotation of the catalyst basket; and the total length of 
each run. 
From the above information te followi 	re calculated: 
the outlet (reactor) concentrations of naphthalene, phthalic aithydride, 
1,4 T,aphth.quinone, oxygen, carbon doxida, water and nitrogen, the con-
version of naphthalene and the aclectivity to phthalic aithydride; the 
rate of disappearance of naphthalene; the rates of appearance of phthalic 
anhydride, carhop dioxide and 1,4 naphthaquinone. 
4.2 	Ftimetion of Errors 
An overall estimate of the errors involved in the experimental 
and analytical equipment can be obtained from Figure 3.2. The data 
plotted in this figure show the percent difference between the calculated 
naphthalene feed and the measured naphthalene out of the reactor when no 
52 
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Catalyst was prscn.. 	For L.oSc ci:t 	 3500C any homogeneous 
reaction may be neglected and the ordinate may be considered to be the per-
cent difference between the calculated naphthalene input and the measured 
naphthalene output of tae reactor. 	This difference represents a scatter 
of roughly ± 1.5 to 2Z and should give a good iudicatioa of LhL errors in 
the system. 	It is probably, therefore, a good assution that no error 
greater than ± 1.5% exists in the measured data arising from errors in the 
estimated uaphthalene concentration. 	This gives the following errors: 
flow rates: 	air, oxygen 4 ± 1.5% 
weight of naphthalene out ± 1.5% 
weight of phthalic anhydride ± 1.5% 
weight of 1,4 naphthaquinone ± 3% 
naphthalene inlet flow rate (calculated s ± 1.5% 
from bubbler temperature and air and 
oxygen flow rates) 
T1; fi bure for UIC 1,4 aaphthaquincn..e erroL : 	 doulo 
as the amount of this product is always very small, and thus the analysis 
accuracy poor. 	In many cases, however, the error will be much greater 
than this as the concentration was too small o bessi,ned any significant 
value. 	Thus, heraver the 1, 1 rhthaquiieoe concenLration is reported 
as zero there may have been a very amall aiiount present in the gas stream. 
The effect of 1,4 nahthaquinoaa has been neglected in most cases during 
the following discussion. This will have no noticeable influence on the 
calculated errors. 
T'e o1lci1ng error' repreicr' t"e accuracy to 	ieh the 
inetrurerte cou1 	read 
reactor temperature 	 ± 3°C 
room temperature 	 ± 0.5°C 
bath temperature 	 < ± 0.2°C 
atmospheric pressure 	c ± 0.2% 
weight of catalyst 	 < ± 0.1% 
time of collection 	 < ± 0.1% 
In 0'e dicussii of thp errorn in the calculated results given 
below it has been necessary to asaune concitions of concentration and con-
version. These have been chosen to represent a condition which will give 
greater than avere errors and should include oihty percent of the runs. 
Those rims at etrerie conditcns 'dill i rc't1orcd er in this section. 
The rats of 	p1'tN 1 enc i prcn" -  ! 	vo '7 - 
N - (moles naphthalene in - moles naphthalene out)/(weight of catalyst x time) 
Assurting moles in = 5 x 10 	and 'o1es cn' 	2 x IO 	the error in the 
difference is 1.57. 	The ancurts of pht-alie nnhydricle and 1,4 tnhtha- 
quinone were measured directly and the error in th c cila ted anount of 
carbon dioxide, assuning 607 selectivity to btha1ie anhydrik and no 
carbon monoidc, Is < ± 0%• 	The percentc zrror 	weight of .atalyst 
times time Is 0.2! nnd this Cgives th f-A.1ciTing errors In the rtc 
naphthalene disappearance rate 	 ± 3.7% 
phtha]ic anhydride production 	 c ± 1.7% 
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1,4 naphthsquinoit. production 	* 3.22 
carbon dioxide production 	s ± 9.2% 
Knowledge of the percentage composition of the exit stream is 
required to calculate the concentrations of the various components. This 
involves a summation of the number of moles of oxygen, nitrogen, naphthalene, 
phthalic anhydride, nsphthequinone, carbon dioxide and water in the exit 
stream per unit ttizis. It is necessary to assume that the carbon monoxide 
production is negligible in this computation. The effect this may have 
on the final results is discussed later. 
Again, an assumption must be made concerning the reaction con- 
ditions. 	As the concentration of 1,4 naphthaquinone is always much less 
than one percent of the gas stream, it is neglected. Typical figures 
for a run are given below: 
97% air and oxygen in the inlet 
32 naphthalene in the inlet 
502 conversion 
672 selectivity to phthalic anhydride. 
These conditions result in 1.0! phthalic anhydride and 1.5% 
naphthalene lv the outlet stream. 	(These conditions are extreme as far as 
the naphthalene concentration is concerned. Increasing conversion to 601 
will reduce the errors in the water and carbon dioxide by almost one-half). 
The unmeasured components were calculated from the stoichiomstry of the 
reaction and the resulting errors are: 
Z carbon dioxide 	*62 
Zwat.r 
Z air +oxygen 	s t2.5Z 
To separate the air and oxygen into oxygen and nitrogen a 
further assumption is necessary. Taking a typical case where 25% oxygen 
was present in the outlet stream, the oxygen error becomes 4 ± 5%. 
CpIc-tilrtirg the sum of the constituents by assuming either air 
plus oxy'e" 	± 2.", o' ov-er 	f- results 	 ''or ' t1e s'r 
(3.00" are 1.nOT rp'yr- 	'r this th corc 	:-atcrs 'ir 
calculated 	the errors resulting re 
oxygen . ± 8% 
naphthalene . ± 4.5% 
phthalic anhydride ± 4.5% 
carbon dioxide ± 11% 
water ± 9%. 
It must he tres& thit these et'ratec nre for 'rob&le 
maximmi error; the actual error would In some cases -'e rnur.h less. 
All errors are of a reasonable value with only carbon d 4 oxi4e and water 
errors being hirh enough to prothce serious scatter. 
There are two extrero cases where tb' naphthalene concentration 
or rate of disappearorce of raphthalene can be su"ject to nuch larger 
errors. 	In t - e cr of very - ih conversion. rosultinc ir low napbthalene 
concentration, the errors in the ranbtViqlene coreentrtton can approach 
50 to 100 percent due to inaccuracies in reading the calibration curve very 
close to the origin. 	Atriir, if the corversion. is very s'.i the difference 
between the inlet and outlet napbthalene will have a large percentage error. 
Assuming, for example. 17 inlet and 2.87 outlet 	nrcir'1el:' 77 covcrsio 
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with a 1.5% error in each figure, the error in the rate is < ± 491. 
Doubling the conversion (142), however, reduces the error below 202. 
Very few runs have actually been performed below 20% conversion, and most 
of these are special cases due to deactivation effects, so it is safe to 
assume that the errors presented for the rate of naphthalene disappearance 
cover those results used in the kinetic calculation.. 
The influence of carbon monoxide formation will have a serious 
effect only on the calculated oxygen concentration. However, the oxygen 
concentration, in the runs used for kinetic analysis, except for the first 
six runs at 4220C, is always at least double the carbon dioxide concentration, 
and in some cases well over an order of magnitude greater. For the 
majority of cases the oxygen concentration is at least six times that of 
carbon dioxide. To allow for a reasonable smount of carbon monoxide 
formation 102 of the complete combustion products have been assumed to be 
carbon monoxide as was found at 400 °C on fused vanadium pentoxide catalyst 
by Korn.ichuk 52 . Thi. carbon aonoxir!e formation will affect the 
calculated oxygen concentration by only 0.82. 
In a few cases of very low conversion or very low oxygen con-
centration, figures of greater than one hundred percent conversion or less 
than zero concentration have been obtained. These results have not been 
included in the kinetic calculations. They are, however, discussed 
qualitatively with the model derived. 
4.3 	Results 
The experimental results are presented fully in Appendix II. 
62. 
This section is concerned with the facts which are apparent upon examina-
tion of the results. The following chapter discusses the results in more 
detail and In a quantitative manner. 
The products identified from the partial oxidation of 
naphthalene were phthalic anhydride and 1,4 naphthaquinone. Complete 
combustion products were not analysed. It has been assumed in subsequent 
calculations that no carbon monoxide was formed, only carbon dioxide (see 
Section 4.2). No maleic anhydride was found on chromatographic analysis. 
If a small quantity was formed, this would be less than 0.02 percent of 
the exit gas stream accounting for less than 1 percent of the naphthalene 
feed. The mount of naphthaquinone formed was small, amounting, at most, 
to only a few percent of the naphthalene reacted. No attempt was made to 
discover if 1,2 naphthaquinone was present. 
There in a definite zero order dependency of the rate of 
naphthalene disappearance on the naphthalene concentration at 331°C 
(Figure 4.1). The experiments cover a wide range of naphthalene concentra-
tions from 1.85 x 10 moles/litre to 15 x 10 moles/litre. The oxygen 
concentration, however, is essentially constant, varying from 252 x 10 
to 355 x 10 moles/litre with nine of the thirteen runs in the range 
312 x 	to 355 x 10 moles/litre. The scatter observed in Figure 41 
may be due, in part, to the slight variation in oxygen concentration. 
This zero order dependency is not found at any of the other temperatures 
studied, 353° , 3800  and 422°C. The experiments performed at 331 °C using 
a higher oxygen concentration cannot be considered with the above data due 
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At temperatures other than 331°C the rate of naphthalene 
disappearance depends on both oxygen and naphthalene concentrations. 
Figure 42 presents some of the rates of naphthalene disappearance at 
380°C plotted against the naphthalene concentration. The points have 
been grouped in bands of roughly constant oxygen concentration. At high 
naphthalene concentrations these curves appear to level out towards zero 
order dependency similar to that found at 3310C. The results at 353°C 
and 422°C present a similar picture, but for these there are insufficient 
experimental points to establish this pattern with certainty. 
These considerations suggest that a simple power law expression 
such as: 
R _kCaCb 
n 	0 	11 
is not a true description of this reaction. Qualitatively an equation of 
the form of equation (1.7) seems a good possibility. 
k C  C 
0 onn F- --_____ 
U kC +BkC (1.7) a 	nn 
Although the experiments were not designed to obtain high 
phthalic anhydride yields, several molar yields over 70 percent were 
obtained with a maxim= of 77.3 percent. The yield of phthalic anhydride 
at 353°C was higher than that obtained at the other three temperatures, one 
of which was lover and two higher. 
The rate of production of phthalic anhydride and the rate of 
disappearance of naphthal.ne are directly related as shown in Figure 4.3. 
63. 
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This indicates that the consecutive reaction of phthalic anhydride to 
carbon dioxide may be very small. 
The rate of production of 1,4 naphthaquinone is not as easily 
related to the conditions of the reaction system as the rate of production 
of phthalic anhydride. The low 1,4 naphthaquinone concentrations (those 
have been recorded as zero in some cases of very low concentrations) are 
subject to large analysis errors arid, thus, quantitative comparisons are 
useless. However, there appears to be some degree of correlation between 
the naphthalene oxidation rate and the 1,4 naphthaquinone production rate. 
The rate of formation of carbon dioxide does not appear to be 
directly related to any of the system parameters. It is difficult to any 
whether the concentration of 1,4 naphthaquinons has any effect on the rate 
of carbon dioxide formation as both of these figures are subject to large 
experimental errors. 
A definite deactivation of the catalyst occurred when it was 
used at 622°C. This was observed when the same catalyst sample was reused 
at 353°C. The catalyst, after reaction at 422°C, was darker than the 
catalyst samples used at the lover temperatures. A comparison of runs 
114 and 92 illustrates the deactivation. The operating conditions are 
similar but the rate of reaction for the deactivated catalyst is only 
33 x lO moles/hr g catalyst whereas a figure of 71 x 	moles/hr g 
catalyst is obtained for the undeactivated case. A comparison of runs 
88 to 94 with the other runs at 353°C in Appendix II will present additional 
evidence of this. 
A further deactivation effect was apparent at 353°C. This was 
a temporary loss in activity at high ( 19 x lO ui/l) naphthalene concentra- 
65, 
tions. 
Table 4.1 presents some of the active and less active results 
for comparison. 
TA1LE 6.1 
HICV c0E'TPATI! ETF!C"T AT '53°C 
C 
0 
mu 	x 10 
Cn 
rn/i x 10 
R 
aug hr x 10 
C r. 
rn/i x 10 
R 
rn/g hr x 10 
425 5.8 66 24 60 
400 5.8 66 19 56 
585 5.0 75 26 71 
810 13.8 103 30 68 
Several rune were performed at 353 °C using different catalysts 
and supports. Because of the difficulty in duplicating conditions in a 
stirred reactor when using different catalysts, any remarks concerning the 
various catalysts have to be made in the light of a rate equation derived 
for the system. Consideration of these is therefore postponed until the 
next chapter. 
The following chapter discusses the above results in a more 
quantitative manner and considers their implications. 
66. 
CHAPTER 5 
DISCUSSION OF OXIDATION RESULTS 
5.1 	Introduction 
It was not possible experimentally to vary the oxygen and naph-
thalene concentrations systematically as the concentrations in a stirred 
reactor are not a simple function of the inlet conditions. 	Because of this 
the effects of the oxygen and naphthalene concentrations could not be studied 
separately and the data had to be fitted as a whole to the rate equations 
tested. The technique used in this work for fitting the data is a linear 
least squares analysis. 	In addition a simple non-linear expression is 
used to evaluate accurately the rate constants of the proposed model in 
section 5.4. 
As rate equations, in their standard form, are seldom linear, 
a transformation must be made to the equation to linearise it. The two 
types of transformation used in this chapter are taking the logarithms of 
the equation and inverting the equation. Unfortunately a transformed 
equation sometimes yields an equation that is different from that which 
would be obtained if the untransformed equation was fitted. For example 
if a transformation is made to the rate equation by inversion, the numerical 
value of the transformed rate variable (1IR) is large at small rates of 
reaction and vice versa. A least squares fit has a tendency to weight 
the fit slightly towards the high values; in this case the low rates. 
As was mentioned in Chapter 4, the low rates have the larger relative error 
and the least squares analysis of the inverted expression will place more 
reliance on the less accurate values. 
In the case of a logarithmic transformation, the effect is to 
equalise the weight of all the values in the least squares analysis. 
This means the curve is fitted to all the points equally. Therefore, 
logarithmic transformation results will not differ to nearly the same 
extent from the untransformed minimum error fit as those of inversion 
during a least squares analysis. 
These points should be borne in mind when considering the 
analysis of data in the following sections. 
5.2 	Kinetics of Naphthalene Disappearance (1), Power Law 
The power law expression with two concentration terms 
R - kCa c0b 	 (5.1) 
was tried as a first approximation to the collected results. As a means 
of representing the data this simple equation has the advantage, over that 
considered later, that the parameters 'a' and 'b' are direct measures of 
, 
the relative influence of naphthalene and oxygen concentrations on the 
reaction rate. This equation also gives a basis for comparing the fit of 
the model used later. 
To enable equation (5.1) to be processed directly by least 
squares it is necessary to transfOrm it into a linear form. This can be 
easily carried out by taking the logarithm of equation (5.1) to give: 
67. 
in R - in k + a in C + b in C0 	 (5.2) 
68 
A least squares analysis was performed at each temperature using this 
equation. The results are presented in Table 5.1. The measure of error 
for the fit is included for comparison with another model discussed in sub-
sequent sections. The error is defined an the square root of the sum of 
the differences between the real and calculated rates squared. That is 
-, I, 	 . 
VE - (U
'C1 
	R 1)) 	 (5.3) 
X- number of runs 
R cal - 
calculated rate 
TABLE 5.1 
CONSTANTS FOR EQUATION (5.1) 
Temperature 
1 1 a+b m 1-a-b 
g hr 
a b 
2 v/ EE 
m/g hr 
331 0.012 -0.15 1.00 0.000051 
353 0.011 0.08 0.39 0.000657 
380 0.63 0.33 0.43 0.000883 
422 15.6 0.64 0.44 0.00123 
The increase in the error with temperature shown in Table 5.1 is due to 
the increase in the average rate of naphthalene disappearance. In addition, 
the number of runs used for analysis has a further effect on the error. At 
331°C 13 rune were used, at 353°C - 30, at 380°C - 28, at 422°C - 14. 
The overall fit of the data to equation (5.1) is satisfactory, 
with an average error of approximately 10 perceat. The variation of 'a' 
and 'b' with temperature and the non-linearity of 'k' on an Arrhenius plot, 
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however, do not make this relation acceptable except as a method of inter-
polating the data. Furthermore, with reference to Figure 4.2, it has been 
noted that the rate of naphthalene disappearance has little dependency on 
the naphthalene concentration when this is high. If, at 380 0C, the bulk of 
the experiments had been conducted at naphthalene concentrations greater 
than 7x10 moles per litre, a value close to zero would have been obtained 
for 'a' as opposed to the value of 0.38 in Table 5.1. 	In fact, the shape 
of the curves in Figure 4.2 suggest that over a wide range of naphthalene 
concentrations the power law expression would fail to predict accurately 
the rates at more extreme naphthalene concentrations. 
5.3 	Kinetics of Naphthalene Disappearance (2), Steady-State Theory 
The values of 'a' and 'b' given in Table 5.1 at 3310C give 
essentially the same equation as C alderbank (1ó) found, that is 
R - kC n 	0 
(5.4) 
At other temperatures, however, an effect of both naphthalene and oxygen 
is present. The shape of Figure 4.2 suggests that, at 380 0C at least, 
equation (1.10) might apply for each oxygen concentration, or perhaps 
equation (1.7) might apply overall. 
and (5.6) respectively.) 
(The equations are renumbered (5.5) 
kC 
R 	+ VC 
	 (1.10) (5.5) 
k C  C a  nu 
n kC + 
(1.7) (5.6) 
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For a linear le t squares analysis it is ne cc s ar-: to transfer 
equation (5.6). 	By inversion it beccee linear in the form 
8 
k 	k  R 	nu a  
II 
(5.7) 
This expression may be fitted by least squares usinp an equation 
of the form 
zAx+By 	 (5.8) 
where the transformed variables are 
z1/R ; A - i/k ; 	t3/k 
	
n 	 n a 
xl/C ; n 	y-l/C0 
If possible, it is important to check the applicability of a 
model by a linear plot before a least squares analysis of the data is carried 
out. This enables detection of any possible trends which may not produce 
a large error on analysis but make even slight extrapolations incorrect. 
Two linear equations of the form 
Y - Ax + b 
	
(5.9) 
can be obtained by multiplying equation (5.7) through by C0 and C 
respectively. This yields 
C 	 C 
0 - 	0 + 8 - - 
k C 	 (5.10) 
U 	 n a 
y - 	A x+ 
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and 
ii 	1 - - + B U- - 	 (5.11) 
R k 	k C 
U 	 n a o 
y - 	B + A x 
with equation (5.9) written below each to show the transformed variables. 
A linear plot, in either case, of 'y' vs. 'x' should give a straight line 
of slope 'A' and intercept 'E' if equation (5.6) is a satisfactory model. 
However, referring to Table 5.1, it can be seen that at 331 °C and 353°C 
the change of naphthalene concentration has little apparent effect on the 
rate of naphthalene disappearance. Thus it would be pointless to plot 
equation (5.10) in these cases. 	Plots of equation (5.11) for all tempera- 
tures and of equation (5.10) for 380 °C and 422°C are presented in Figures 
(5.1) through (5.6). 
These figures, as a whole, present a satisfactory fit of the 
data to equation (5.6). However, two distinct deviations are obvious. 
First, at 331°C the extrapolation of the line to determine the intercept 
gives a negative value of k. Secondly, at 353 °C, there are two distinct 
lines corresponding to ordinary naphthalene concentrations (c 19 x iO ni/i) 
and high naphthalene 'concentrations (? 19 x 10 rn/i). 
As there is no apparent effect due to the naphthalene concentra-
tion at 3310C, a value of 'ku ' cannot be expected from the data. Also, 
the actual range of oxygen concentrations is small and the scales of 
Figure 5.1 have therefore been expanded, to some extent, out of proportion 
to the relative error in the data. The points nearest the axis correspond 
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thus subject to a high degree of error. In any event, the value of 
k a  /0 can be obtained directly from Figure 4.1. The value of the naphtha-
lene reaction rate, as shown in the diagrim, is constant for a wide range 
of naphthalene concentrations. As the oxygen concentration is roughly 
constant for all these runs, kafI3 is equal to the rate of reaction divided 
by the average oxygen concentration. This gives a value of 0.05 hg hr 
which compares favourably with 0.046 hg hr obtained from Figure 5.1. 
The high naphthalene concentration results at 353°C show 1e88 
activity than those at lower naphthalene concentrations, but at similar 
oxygen concentrations. 	This may be due to several causes, such as the 
following: the model, equation (5.6), may be basically incorrect, this 
only showing up to any extent at high naphthalene concentrations; there 
may be a blocking of the active sites by the naphthalene inhibiting 
oxygen adsorption; or there may be a change in the catalyst to yield a 
less active form. 	It is difficult to say definitely what has caused 
this decrease in activity. 	However, as will be discussed in Section 5.5, 
it is likely that it is due to a change in the catalyst. 
In any case, these results show that the model, in its present 
state, cannot be extrapolated to regions of high naphthalene concentration. 
The calculation of the kinetic constants in the following section and the 
applicability of the overall equation derived, must be limited to condi-
tions of less than 19 x 10 rn/i concentration, i.e. approximately 1 percent. 
This is not too serious a limitation as commercial packed bed reactors 
rarely use a feedstock of much higher concentration. 
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5.4 	valut1onof the Stoadrtate Theory Fate Constaits 
The rate constants for equation (5.6), the steady-state 
theory, were evaluated by a linear least squares analysis using the 
transformed equation (5.8). Because of the possible error in uáig a 
transformed equation mentioned in section 5.1, the values of the rats 
constants obtained were used as starting points for a grid search to find 
the rate constants giving the intnlmua sum squared error for the untrans-
formed equations. Those results, together with the error measure for the 
power law expression are given in Table 5.2. 
TABLE 5. 2 
RATE CONSTANTS FOR EQUATION (5.6) 
k(l/g hr) k/F(l/g hr) v'1E2 (in/g hr) Temperature 
Trans. Untrans. Irazis. Untrans. Trans. Untrans. Power Law 
331 - 19 0.047 0.054 .000054 .000051 
(a) 54 38 0.21 0.17 .00116 .00064 .00066 
33 (S) IL 16 0.17 0.16 .00012 .00012 
(c) 43 35 0.24 0.21 .00089 .00051 
380 104 68 0.58 0.62 .00120 .00085 .00088 
422 114 106 1.64 1.60 .00114 1 .00103 	1 .00123 
(a) Average (b) High Naphthalene Concentration (c) Low Naphthalene Con-
centration. 
The errors for the untransformed cases of the steady-state 
theory correspond to average errors at each temperature from 331 °C to 422°C 
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of approximately 9, 14, 8 and 9 percent. 	The high error at 3530C is due, 
to a large extent, to the averageing of the high and low concentration 
results. 
Several interesting points arise from Table 5.2. Most striking 
is the improvement in fit obtained in most cases by the use of the untrans-
formed equation. This indicates that the errors in the reciprocal expres-
sion are significantly different from those in the untransformed case. 
As mentioned previously, it is doubtful that such a large effect would be 
noticed in the case of the power law as the taking of logarithms would 
not be expected to alter the error effect as significantly as inversion. 
There is a strong similarity between the errors for the steady-
state theory and the power law expression in Table 5.2. This indicates 
that the experimental data can be adequately described by a two parameter 
expression and a third parameter is unnecessary in this case. 
The difference between the k values at high and low naphthalene 
concentrations at 353 °C is most likely due to the email number of runs 
performed at these conditions. With reference to Figure 5.2, it can be 
seen that there are no high naphthalene concentration results near the 
abscissa and, thus, accurate determination of an intercept is impossible. 
As will be mentioned later, these two values of k   might be expected to 
be the same. 
The rate constants calculated from the untransformed equations 
will be used in the following discussion except at 331 °C where a kaI 
value of 0.05 hg hr will be used. The values of the constants have 
been used in placing the lines in Figures 5.2 to 5.6 except for the high 
naphthalene results in Figure 5.2. 
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5.5 	Deactivation of the Catalyst 
Before a further discussion of the steady-state model can be 
made and the temperature dependency of the rate constants found, some 
discussion of the apparent deactivation noticed for certain of the results 
is required. In addition, the high naphthalene concentration results at 
353°C must be considered in more detail. 
As mentioned in the previous chapter, a long term deactivation 
of the catalyst occurred when it was used at 422 °C. This became apparent 
when the same catalyst sample was subsequently used at 353 °C. Because of 
this deactivation, some correction will be necessary to the rate constants 
at 4220C before the Arrhenius equation is fitted to the data. As the 
results at 3530C are almost independent of naphthalene concentration, the 
effect of catalyst deactivation must be on the oxygen coefficient. 
Figure 5.7 presents a plot of k5/B vs. time from the beginning 
of the runs for the deactivated catalyst used at 353 °C. The kaI8 values 
can be expected to show a large amount of scatter as they have been 
calculated from data for single runs. The value of 	used for compari- 
son with the deactivated results has been taken as 0.16 hg hr, the value 
for the high naphthalene concentration results at 353 °C, because the slow 
rate of reaction for the deactivated catalyst has resulted in high 
naphthalene concentrations. This value is used as the intercept in Figure 
5.7. The deactivation curve shows fully deactivated values are a factor 
of 3.1 lower than the k/8 value for the undeactivated case. 
What causes the deactivation and why a deactivation curve such 
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questions which arise out of these results. The most probable cause of 
deactivation is the reduction of the catalyst to a state close to V 
2 0 4  or 
V 2 0 3  as found by Simard et al 
(28) 
 with o-xylene. The catalyst sample 
which was deactivated was much darker (almost black in colour) than the 
other catalyst samples indicating a change had taken place in the catalyst. 
This darkening indicates a possible formation of some V 2 0 3  according to 
Weiss et al 58 . Based on Simard et al 
428) 
 work it is unlikely that all 
the oxide has been reduced to the tetraoxide as this state is inactive. 
The oxide state V 2 0 4  is much more readily reoxidised than 12O3 (58) and 
because of the permanence of the deactivation this indicates that some 
trioxide may exist. 
It therefore appears that over-reduction of the catalyst at 
high temperatures has caused a reduction of some of the oxide to a stable 
and inactive form, possibly V203 , and this has resulted in a long term 
loss of activity. Such a loss of activity would be apparent in the value 
of k   as was assumed in the earlier part of this section, and would 
remain constant at any temperature below that at which deactivation 
occurred. 
The shutdown procedure probably accounts for the shape of the 
deactivation curve in Figure 57. The catalyst was kept in an air atmos-
phere, devoid of hydrocarbon, while the oven and reactor cooled slowly. 
This could cause some oxidation of the V 2 0 4  existing in the catalyst to a 
more active state, or possibly a larger amount of oxygen adsorption than 
is normally the case. When the reaction is restarted, the rate remains 
at a reasonably high level until the excess oxygen is consumed. At this 
point a sharp drop in activity would occur. 
76. 
77. 
The decrease in apparent activity at 3530C was not permanent, 
as at 4220C, but cycled between fully active and slightly deactivated 
depending on the naphthalene concentration. Three points in Figure 5.2 
at high C/C0 values lie between the two lines representing active and 
deactivated states. These represent samples taken within an hour and a 
quarter of increasing the naphthalene input to the reactor. There was, 
however, no difference between the activity at two hours and after six 
hours operation at high naphthalene concentrations. This may indicate 
that the deactivation is not immediate but occurs over a period of time. 
The results indicate that the findings of TYshakova at al (51)  may be the 
explanation. They found that the catalyst altered its composition 
between V 2 0 4  and V 2 0 5  under reaction conditions. The oxide state finally 
attained was dependent on the concentration of the reactants. The 
activity of the catalyst, within certain limits was dependent upon the 
oxide state. From this consideration it is therefore possible that the 
oxide reduces, under high naphthalene concentration, to a less active state. 
This reduction will be accelerated in a stirred reactor because as the rate 
drops the concentration increases. This may occur until the point where, 
as Ushakova et al 	 found, a further change in the catalyst had little 
effect on the rate. An analogous accelerated increase in activity would 
be found when the naphthalene concentration was lowered below a certain 
level. If this is the case, the assumption made earlier, that k was 
the same for both conditions at 353 °C, would be correct. The deactivation 
effect would most likely be on 	as for the case of permanent deactivation 
at 422°C. 
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5.6 	Temperature Dependency of the Rate Constants 
Figure 58 presents the Arrhenius plot of lfl(ka/8) VS. l/T. 
The curve is definitely non-linear with an apparent activation energy 
between 331°C and 3530C of 51 k cal/mole and between 380°C and 4220C of 
21 k cal/mole. Theta are two reasons for the non-linearity: firstly, 
the value of B in equation (5.6) is temperature dependent and secondly, 
the deactivation at 4220C has depressed the k value at this temperature. 
A better plot would be lUke  vs. l/T with the figure at 4220C 
corrected for deactivation. To calculate k a value of B must be obtained. 
As the selectivity is approximately constant at each temperature, B can 
be related to this figure. 	It is necessary to assume that 8, the moles 
of oxygen required per mole of organic reacted, is the stoichiometric 
ratio of the reaction. This may not be strictly true but is the best 
approximation available. The atoichiotnetry of the reaction requires 12 
moles of oxygen per mole of naphthalene reacted to carbon dioxide and 
4.5 per mole reacted to phthalic anhydride. 	1,4 naphthaquinone is 
neglected as the rate of production of this product is insignificant. 
A parallel mechanism is assumed as this is the only possible method of 
obtaining B from the data available. This gives 
8 - 4.5 S 	 + 12(1 - S) 	 (5.12)PRA 
PRA   selectivity to phthalic anhydride 
r'o1ea phthalic anhydride produced per 
mole of naphthalene converted 
which becomes 
(- 
140 	 144 	 148 	 152 	156 	 160 	 164 	168 
1 I x 10 5 (°K1) 
Fig. 5.8 	ARRHENIUS PLOT 
7f- - . 
8 	12 - 7.5S 
	
(5.12a) 
The average values of S 	 were determined at each temperature and thePRA 
values of B and k calculated. These are presented in Table 5.3. 
TABLE 5.3 
CALCULATION OF k a 
1erc-perature 
C, 
PHA 14 k 
uo1esjitnalic anhydride_ 
(1/gahr) moles naphthalene reacted 
331 59.6 7.5 0.375 
353 79.4 6.0 1.26 
380 64.1 7,2 4.5 
422 51.9 8.1 13.0 
A further correction is required to the k 
a  value at 422 °C for 
deactivation. The factor of 3.1 calculated in the previous section 
includes the effect of S. 	Correcting for B gives an undeactivated, high 
naphthalene concentration, value of k at 353°C of 0.96 hg hr and a 
deactivated value, where B a 8, of 0.4 hg hr. Therefore the scaling 
factor is 24 and the value of k at 422°C with an undeactivated catalyst 
is 31 hg hr. 
Figure 5.9 presents the corrected Arrbeniva plot. Included 
on this are the values of k for 353° , 3800  and 422°C. 	Table 5.4 presents 
the values of the activation energies and the pre-exponential factors 
for the rate constants of equation (5.6). 
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Pete E ! ln 
Co nstant k cal/ mole litres/gm hr 
40.4 32.53 a 
12.2 13.53 
fl 
-'urc 5• r  sc.s 	o 	fi ic 	 for the 	values of a 
the full 910  temperature range. The k values are more scattered, as was 
expected, and the line is drawn to favour those results at the two higher 
temperatures where more naphthalene dependency was noticed. These values 
should be more accurate than the result at 353 °C. 
5.7 	Runs at Extreme Conditions 
A total of 107 runs were performed for the kinetic analysis of 
the oxidation of naphthalene. Of these, 13 could not be used for direct 
kinetic calculations as they had been conducted with the deactivated 
catalyst which had been used at 422 °C previously. 	Some of these, as has 
already been shown, were used to estimate the degree of deactivation. A 
further 9 runs had to be considered invalid due to anomalies in the mass 
balance calculations. In one run (118) a slightly negative rate of carbon 
dioxide formation resulted and in the other eight very low or negative 
oxygen concentrations necessitated their removal from the kinetic calcula- 
tions. 
These results may be due to a significant formation of carbon 
monoxide, which, if allowed for, would increase the calculated oxygen 
concentration, or may be due to inaccurate analysis of very low or high 
concentrations as mentioned in Chapter 4. The second reason is most 
likely the cause of the anomaly of rim 113, while the first reason may be 
the more important in the other runs where insufficient oxygen was fed to 
the reactor to allow reaction to take place at the normal selectivities 
for those conditions. 
As far as run 118 is concerned, the rate of disappearance of 
naphthalene is consistent with the results obtained at high naphthalene 
concentrations. The exceptionally high inlet concentration of naph-
thalene and the low conversion are probably responsible for the poor 
mass balance. 
The low and negative oxygen results (runs 24-31) at 380 0C 
are associated with relatively high naphthalene concentrations. Therefore 
it is a good assumption that BknCn  is much greater than k5C0 in equation 
(5.6) and that this equation reduces to 
R 
n -k  a 	o /BC 	 (5.13) 
Thus a plot of R vs. C 0 should give a straight line of slope 1ca/B 	As 
the oxygen concentrations are negative they are obviously inaccurate. 
However the range of concentrations is narrow and it is therefore a good 
assumption that the amount of carbon monoxide formed is roughly the same, 
and an indication of the fit of the data to equation (5.13) should be 
obtained. Figure 5.10 presents the plot of R vs. C 0. A reasonably 
st-eight line results of approximate slope 0.5. As B for these runs is 
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approximately 8.5 a k   value of 4.3 is obtained which compares favourably 
with 4.5 obtained for the bulk of the results. 
Thus the results of these experiments at extreme reaction 
conditions, support the steady-state theory qualitatively and to some 
extent quantitatively. 
5.8 	Comparison of Results with Other Studies 
Table 5.5 presents the activation energies for the two rate 
constants of the steady-state model obtained in this work along with the 
values obtained by other researchers. 	Calderbankts(16) activation energy, 
although not obtained from an analysis using the steady-state model, is 
included as his first order oxygen dependency is a special case of equation 
TABLE 5.5 
COMPARISON OF THE ACTIVATION ENERGIES OBTAINED 
FOR TIlE STEADY-STATE THEORY RATE CONSTANTS 






16 26 Naphthalene 
48 23.6 lE.2 o-xylene 
17 22 Naphthalene 
17 22 Benzene 
43 25.1 22,5 Benzene 
23 37.5 Naphthalene 
42 37.6 Toluene 




(16)  and Batten and Froment, (48) a 	activation 
energies have been calculated from a plot of k/8  vs l/T. This could 
lead to a different activation energy from that obtained in a plot of k  
vs l/T. However, such a difference is likely to be slight and their 
activation energies for the oxygen process, along with Mare and van 
Krevelen's 	and Jasual at al's 	, are significantly lower than those 
(23) 	 (42) obtained by Sheistad at .1 	and Downie et al 
There are several possible reasons for these differences. 
The most obvious is that the model is not as generally applicable as 
assumed in its derivation and that the nature of the organic species has 
some effect on the value of k a . This does not seem a probable cause for 
the differences noted as one oxygen activation energy for the reaction of 
naphthalene is close to that obtained in this work and two are much below 
it. The use of different catalysts may have a significant effect on the 
activation energies. However, both high and low activation energies have 
been obtained using the same catalyst 	 A further possible reason 
for the differences may be the temperature range studied. As very few of 
the researchers exceeded a fifty degree temperature range the accuracy of 
their Arrhenius plots may not generally be very good and the deactivation 
noted in this work at high temperatures may have effectively lowered the 
apparent activation energy in some cases. It is also possible that the 
concentration ranges used do not permit accurate differentiation of the 
values of k and k a 	n 
Any, or al], of the above effects could account for the dif-
ferences noted in Table 5.5. It is impossible to do more than speculate 
as to which are important. The results from this work, however, do show a 
remarkable agreement with those of Shelatad et al 23 . In fact, the 
difference in the absolute magnitudes of the oxygen rate constants at 
353°C L8 a factor of two exactly the difference in the values of 
assumed. 	 23). This is perhaps fortuitous as Shelatad et al 	have used a 
significantly different catalyst. 
The conclusion which can be reached from this comparison is 
that much further work is required on the steady-state theory to discover 
whether it is generally applicable to hydrocarbon oxidation reactions. 
The similarity of the results recorded in references 16, 48, 17 and 43 and 
in references 23, 42 and this work indicate that the steady-state theory 
has already given some encouraging results. 
5.9 	Mass and Heat Transfer Effects 
The foregoing discussion has considered the data from a purely 
reaction kinetic viewpoint. It is very important, however, to determine 
whether mass and heat transfer processes have any significant effect on 
the rates of reaction. Consideration of this has had to be postponed 
until a reasonable idea was gained of the rate constants of the controlling 
processes, i.e. the oxygen and naphthalene reactions. Because of the very 
small porosity of the catalyst support, (four percent)the effect of pore 
diffusion on the measured rates will be negligible and only external trans-
fer need be considered. The maximum possible effect of oxygen diffusion 
to the catalyst surface may be obtained from the derived rate equation 
directly without reccurse to experimental measurements of transfer coef-
ficients for the stirred reactor. Any mass transfer effects will be most 
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apparent at 422°C, where the highest reaction rates were measured. Run 
78, with a naphthalene disappearance rate of 38.5 x 	n1es/gram hour 
and naphthalene and oxygen concentrations of 6.8 x 	and 391 x 10 moles/ 
litre respectively, presents the most extreme condition. 
From a comparison of Schmidt numbers for oxygen and naphthalene 
the mass transfer coefficient for oxygen is approximately 2.25 times that 
for naphthalene. Consideration of this and the fact that the naphthalene 
rate constants are much larger than the oxygen rate constants means 
that mass transfer will have an effect on the naphthalene rate constant 
before the oxygen rate constant. Assuming that the rate constant, 
'kn' at 422°C describes an exclusively mass transfer process the k ga value 
(mass transfer coefficient times the surface area per unit mass of 
catalyst) for the oxygen will be 2.25 times k   that is 240 litres/gram 
hour. The rate of oxygen disappearance at 422 °C is eight times the 
naphthalene disappearance rate. Thus from equation (5.14) 
C -C 
C 
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the oxygen concentration gradient g 	may be obtained. This figure 
is 0.03 for the case mentioned above and according to Yang and Hougen 69 
may be neglected. It must be emphasised as well that the assumptions made 
above lead to an overestimated value of this gradient. It can thus safely 
be concluded that there is no effect of mass transfer on the oxygen rates 
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and the results previously recorded are true reaction kinetics. 
For the case of naphthalene transfer limitations an experi-
mental value of the mass transfer coefficient must be made. Measurements 
of naphthalene diffusion in a stirred reactor similar to the one used in 
this project give a value of 1.6 x 10 moles/an see. m Hg. for kg 
Assuming a value for 'a' of 5 an2 /gm (calculated assuming the surface 
area of the catalyst available for mass transfer was that of a sphere of 
the same diameter) the mass transfer coefficient times the surface area 
per gram becomes 125 I/gram hour. This figure is very close to the 106 
1/gram hour found for the value of k at 4220C. Obviously mass transfer 
has a serious effect on the calculated naphthalene rate constant. Assum- 
ing the value reported above for the mass transfer coefficient is reasonably 
accurate it is possible to calculate the true rate constants from the 
following equation: 
k aK 
n ka - K 
	 (5.15) 
where K is the experimentally determined rate constant. The results of 
this calculation give values of 700, 150 and 50 hg hr compared with the 
measured constants of 106, 68 and 35 l/g hr. Thus, at 422 °C the naphtha- 
lene contribution to the overall rate of reaction is due, almost exclusively, 
to mass transfer. However at 353°C the effect of mass transfer has been 
greatly reduced and the value of k   is only depressed by a factor of 30 
percent. Further calculations concerning the mass transfer effect have 
not been carried out due to the scarcity of experimental data and the 
uncertainty of the mass transfer information used. 
The maximum temperature difference between the catalyst and 
the bulk gas has been calculated from the data given in Reference 56. 
This indicates a maximum temperature difference of about S or 9 °C neglect-
ing heat transfer by conduction and radiation; the latter, particularly, 
should have a significant effect at 422 0C. Again this is for the worst 
case and almost all of the other runs should have temperature differences 
of 6°C or less. According to Yang and Rougen 69 ' any difference less 
than 10°C may be neglected in this case. Therefore the effect of heat 
transfer is minimal. 
5.10 	Other Modelling Attempts 
Other models similar to the steady-state theory but containing 
an extra parameter were fitted to the experimental data. These included 
the effect of reoxodisable products and the desorption of oxygen. As was 
expected, there was no significant improvement in fit using these models, 
-and the values of the new constants were insignificant compared with the 
values of k  and k. 
As the simple steady-state model fits the data to within ± 10 
percent it is unlikely that a much improved fit could be obtained with 
extra parameters as the estimated errors in the data given in Chapter 4 
are of this range. Therefore, the present data does not justify use 
of more complicated equations containing three (or more) parameters. 
However, the deactivation effects will require further parameters. As 
these phenomena appear to occur in a discontinuous manner the corrections 
will not be included in the overall model but will likely be added to it. 
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5.11 	Conclusions Concerning the Steady-State Model 
The simple steady-state model, equation (5.6), gives a good 
description of the rate of naphthalene disappearance at naphthalene con-
centrations less than 19 x 10 -5  moles/litre. At higher concentrations, 
although the data still appear to fit the equation, there is an abrupt 
change in the value of ka•  This may be due to a change in the catalyst 
structure and cannot be allowed for in the present equation. The fit of 
this model, a two parameter model, is as good as that obtained with equa-
tions containing three parameters. 
The overall fit of the data to the general model proposed 
k C k C aonn 
R - 	 (5.16) n k 	+kC ao nu 
in k - 32.53 - 402400 	in k - 13.53 - 10,700 a 	 RT ' n 	 RI 
is shown in Figure 5.11. Lines of 10 and 15 percent error are included 
to indicate the fit. A 2.4 deactivation factor has been included in 
k  at 422°C. Also, due to the mass transfer influence on the k values 
which cannot be accurately estimated, k values have been assumed equal 
to those determined experimentally. The rates at 331 °C have been calcu-
lated from equation (5.4). 	Figure 5.11 clearly indicates that a wide 
range of naphthalene reaction rates are predicted accurately by equation 
(5.16). 
Further work on this reaction is necessary, however, to study 
the deactivation found at 422 °C and the results of the high naphthalene 
concentration runs at 353 0C. 	Detailed kinetic work will be necessary, 
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including the analysis of the catalyst under reaction conditions, to pro-
duce an adequate model. Although this could involve a large amount of 
research, the results from such a study could have an important bearing on 
all oxidation reactions using oxide catalysts. 
The effect of the state of the catalyst has been overlooked in 
most kinetic analyses of heterogeneous catalysis and a homogeneous type of 
analysis has been used. The only allowance made for the catalyst has been 
in terms of surface area and porosity effects and mass and heat transfer 
limitations. 	The results of these experiments indicate that the catalyst 
may have a much more direct influence on the reaction rate and may alter 
its "active site concentration" during reaction, just as the reactant con- 
centrations alter. This could hold true on metal as well as oxide catalysts 
as some reactions on metal are thought to be catalysed by oxides formed on 
the metal surface. 
5.12 	Product Formation 
From a simple set of kinetic experiments it is difficult to 
reach any conclusions concerning the relative rates of formation of the 
products for a complicated reaction. In a system such as naphthalene 
oxidation, where over six different reaction steps may occur in series and 
parallel combinations, any conclusions drawn from the results must be 
tentative at best. Mathematical solution of the several rate steps in 
an attempt to find the reaction mechanism can lead to serious errors due to 
the large number of adjustable parameters required to describe the system. 
A better procedure, for which there was insufficient time during this project, 
is to study the individual steps, where possible, by oxidising the inter-
mediate compounds separately. This should lead to a better understanding 
of the system as a whole although some caution must be exercised when 
viewing the results of individual reactions. Isolation of part of a 
reaction system, especially in solid catalysis where competition for the 
active sites which often occurs,may yield misleading results. 
Because not all the product formation rates are known in this 
study and because no measurements have been made of the individual reaction 
steps, it is not possible to relate overall reaction rates to those of 
the component reactions comprising the system. Some inferences can be 
made, however, concerning the general nature of the mechanism. These 
inferences will necessarily be tentative in most cases but may serve to 
indicate where further individual study is worthwhile. 
As was shown in Figure 4.3, there appears to be a direct 
relationship between the rate of phthalic anhydride production and the 
rate of naphthalene disappearance. The slope of the lines in Figure 4.3 
is roughly 1.23 and an empirical equation can be derived relating the two 
rates. 
R
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(5 . 1 7) 
The value of k8 can be redefined in terms of selectivity to phthalic 
anhydride, where the selectivity, S, is the moles of phthalic anhydride 
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Equation (5.18a) indicates that the selectivity to phthalic anhydride is 
not exactly constant at each temperature as assumed earlier in the calcula-
tion of 8, but increases slowly with the rate of naphthalene oxidation. 
However, the effect on 8 will be slight, a tenfold increase in the rate of 
naphthalene disappearance giving only a 17 percent change in selectivity. 
The values of k obtained from this research are presented in 
Figure 5.12. Three curves are drawn through the points showing the possible 
positions of the maximum selectivity. 
The direct relationship that appears to exist between the rates 
of naphthalene oxidation and phthalic anhydride production indicates several 
possible characteristics of the reaction system. It seems unlikely that 
much further oxidation of phthalic anhydride occurs. The concentration 
range of phthalic anhydride was reasonably wide in these experiments 
(4.3 x 10 to 25 x 10 moles/litre) and if further oxidation took place 
the rate of loss of phthalic anhydride would depend on these concentrations 
but not on the concentrations on vhich the naphthalene reaction rate depends. 
This would, in effect, destroy the relationship between the rates of 
naphthalene reaction and phthaiic anhydride formation. It is conceivable 
that 1,4 naphthaquinone reacts to form phthalic anhydride at a rate that 
compensates for its combustion; it seems most unlikely that such compensa-
tion would remain relatively exact, however, over the range of conditions 
covered in this project. 
The observed values of the rate of production of 1,4 naphthe-
quinone are subject to large errors due to the low concentrations in the 











exit streams. For this reason only a few brief remarks can be made 
concerning this reaction. The low value of the rate of production indi-
cates that 1,4 naphthaquinone is either formed slowly from naphthalene or 
oxidises further at a high rate. Host of the information in the literature 
survey indicates that the rate of 1,4 naphthaquinone formation is of the 
as order as that of phthalic anhydride formation. loffe and Sherman's 49 
data indicate that its further reaction will be principally to carbon 
dioxide with a small amount of phthalic anhydride being formed. The in-
accuracies in the carbon dioxide data as well as in the 1,4 naphthaquiuone 
data preclude any comment on this subject from the results of tils research. 
The rate of formation of carbon dioxide does not appear to bear 
any simple relation to the rates of naphthalene disappearance and phthalic 
anhydride production. For example at 380°C the rates of naphthalene 
disappearance and phthalic anhydride production vary, in the range of 
experimental conditions, by a factor of 6 to 10, while the carbon dioxide 
formation rate varies only by a factor of 2.5. Many interpretations of 
the data may be made concerning the carbon dioxide formation. However, 
because of the large errors possible in the carbon dioxide formation rates 
mentioned in Chapter 4 and the lack of information on carbon monoxide 
formation, further comment on this subject is not warranted. 
513 	Reaction Mechanism Calculations 
As mentioned in the previous section, the solution of an array 
of equations to determine the mechanism of a reaction is a doubtful practice. 
However, for a portion of the possible naphthalene reaction scheme, a 
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computer solution of several of the reaction steps was carried out in an 
attempt to find their relative importance. This procedure was adopted 
to discover the ability of such a procedure to discriminate between alterna-
tive reaction schemes. The reaction sequence 
1 	 2 
Naphthalene - Phthalic Anhydride ' Carbon Dioxide 
was chosen as a simplified case to study. The following reaction rates 
had been measured or calculated: 1-2, 1+3, 3+2. 14 naphthaquinone has 
been completely neglected to ease the calculation burden. 
Rate equations similar to equation (5.6) were used with 
being assumed constant throughout. The values of the three 'ku' terms 
were the variables. The system was divided into two segments, reactions 
1+ 3 and reactions 2+3, and a computer program used to produce the sum 
squared errors between the real and calculated rates resulting from different 
values of the rate constants. Large graphs of k for reaction one vs. 
k for reaction three (also for 2 and 3) with lines of constant error were 
drawn. Two minima resulted in each case, of almost the same magnitude 
of error. Joining these minima was a saddle point of very low error which 
in some cases was exceptionally broad. This meant many values of the 
k's could be chosen without affecting the error greatly. All the graphs 
presented shapes that could be readily optimised by a computer technique. 
Thus any single set of values assigned to the k's would not be unique when 
the whole of the pattern was considered. Complication of the mechanism 
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studied to include the three possible 1,4 naphthaquinone reactions would 
create an even greater number of possible solutions of which an optimizing 
technique might find any one. 
One further fact cane out of this study. It was impossible 
to obtain a fit of better than ± 50% for carbon dioxide formation using 
both reactions two and three. 
5.14 	Comparison of Results Using Different Catalysts 
The comparison of results obtained with different catalysts is 
complicated by the characteristics of the stirred reactor used for the rate 
measurements. It was impossible in practice to obtain identical reaction 
conditions from catalyst to catalyst. The only way of comparing the results 
was to calculate, from the rate expression already derived, the rate of 
naphthalene disappearance on the standard catalyst (V 205 - SrC2 on fused 
alumina) for the conditions at which each of the comparative rims were 
made. 	The results are reported in Table 5.7 as the ratio of the rate of 
naphthalene disappearance on the catalyst used to the calculated rate of 
naphthalene disappearance on the standard catalyst. Unfortunately 
there was insufficient time to permit a study of the relative rates at more 
than one temperature. 353°C was chosen, as the maximum yield had been 
obtained there and the widest spread of reaction conditions had been used 
in the kinetic study at that temperature. 	It is, therefore, impossible 
to predict from present results the behaviour of the various catalysts at 
other temperatures. However, some interesting information may be obtained 
from the limited comparison made, as catalysts 8, 9 and 13 differ from 
catalysts 1 to 7 only as regards the support, while catalyst 12 has the 
same support but a higher V 2 0 5  concentration. 
TABLE 5.7 
RATE OF NAPHTHALENE DISAPPEARANCE 
CALCULATED RATE FOR STANDARDCAThLYST AT VARIOUS INLET CONDITIONS 
Catalyst 1 2 3 4 5 6 
2 1.3 1.1 1.1 1.1 1.1 
9 2.3 2.4 1.5 1.6 1.2 2.3 
10 0.25 0.35 0.32 0.31 0.31 
11 0.81 0.83 0.67 0.83 0.87 
12 1.0 0.8 1.0 1.0 
13 .4 3.1 1.2 
Air flow 
rn/mm 	x iY 34 26 36 
Oxy . flow 
n/ruin x 1u 0 7.1 !.1 13 
Naph. t1c: 
r/nin x 	1. .75  1 1.1 
7eferr:ng to Table r 	it lb !.EO 1::it cta1y;t. 	(identical 
to the standard catalyst except on a mullite support) gives a very slight 
increase in reaction rate over the standard catalyst. This may be due to 
the fact that the size range of particles extends to a smaller diameter for 
mullite giving a slight increase in surface area. The catalyst with the 
higher V 
2 
 0 5  content (12) gives essentially the same reaction rate as the 
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standard catalyst. A V 2 0 5  on silicon carbide commercial catalyst (10) 
is very much less active than the standard catalyst and a V 
2 0  5 - 
on silica catalyst (11) is slightly less active at the conditions studied. 
There may be an even greater difference for the silica supported catalyst 
as silica is lighter than alumina and, may have a larger surface area per 
unit weight. 
The two catalysts, 9 and 13, are identical to the standard 
but on a porous instead of fused alumina support. These show a significant 
improvement in reaction rate although they do not tend to give as constant 
an incre.a. The increase in surface area is thought to be the cause for 
most of the improvement. Any speculation on the reason for the fluctua-
tions would be unwise on the limited amount of data available. 
As regards the selectivity to phthalic anhydride, all the 
catalysts showed a value of approximately 65 to 70 percent on average. 
This is ten percent less than that found at 353 °C during the kinetic 
experiments with the standard catalyst. 
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CHAPTER 6 
AMMOXIDATION RESULTS AND DISCUSSION 
6.1 	General Results 
The full results of the experimental runs are tabulated in 
Appendix It. The only organic products of the axrinoxidation of naphthalene 
found oi, chromatographic analysis were phthalonitrile and phthalimide. 
A solid white compound, insoluble in acetone, which effervesced when 
hydrochloric acid was added, was also found in the collection tube. It 
was probably ammoniumcarbonate or carbamate as found by Gi1liatt 53 . 
At temperatures where the reaction occurred, phthalonitrile was always 
obtained in sufficient quantities to enable accurate analysis. Phthali-
mide,on the other hand, sometimes occurred only ' trace amounts which 
could not be analysed accurately and were therefore reported as zero concen-
tration. 
No analysis of the inorganic gases was made due to the lack of 
suitable equipment. The analysis for ammonia by absorption in hydrochloric 
acid proved unsatisfactory as the nitrile in the exit stream produced 
hydrogen cyanide in the acid. In addition, the small quantity of white 
solid mentioned above, contained a reasonable amount of ammonia wlich could 
not be conveniently or accurately determined. All the calculations have 
had to be based on the assumption that no aninonia combustion took place and 
no carbon monoxide was formed. It is unlikely that amuonia could exist in 
the reactor without undergoing some combustion, so the results must be 
viewed as qualitative rather than quantitative. 
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6.2 	Temperature Dependency 
The ammoxidation reactions were started by adding ammonia, 
approximately 40 percent of the feed gases, to a feedstock which was reacting 
at 3530C to produce phthalic anhydride. The aninonia addition completely 
stopped the reaction, including combustion to carbon dioxide, and all the 
naphthalene feed was recovered in the exit stream. There was no signifi-
cant reaction until a temperature of 400 °C was reached. However, at 435°C 
the reaction was proceeding quite rapidly with rates of disappearance of 
naphthalene comparable with those found at 353°C and 380°C for the oxidation 
reaction. 
'ec-au 	of ttie li tt1 number of :ozidation 	ins perforr:'d 1,30 
an.i the Lit, that it ;s ipossii le to duplici'te reactcr conctntratioiis for 
each temperature, a more quantitative appraisal of the effect due to 
temperature is impossible. 
6.3 	Phthalonitrile and Phthalimide Formation 
Although the experiments were not conducted for the purpose of 
obtaining high yields, a phthalonitrile yield of over 46 percent was 
obtained along with several yields in the low forties and high thirties. 
There was always a greater selectivity to phthalonitrile than to phthai-
aide. The selectivity to phthalonitrile was over 90 percent in some cases 
but this always corresponded to very low conversions. 
The equilibrium suggested in section 1.10 
1c 4- 2 	er , 	 thalimide + Ammonia 
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did not apply directly to the data obtained. 	The ecilihriurn constant 
K - CPcN C12o 	
(6.1) 
CNH Cpfl4 
was found to vary to some extent at each temperature. However, as the 
concentrations of water and anmonia were not measured, the deviation 
may be due to inaccurate estimated values of these concentrations. 
Both Gilliatt 53 and Ogata et al 	calculated a modified constant K', 






Evaluation of this produced quite constant results. Table 6.1 presents 
both of these constants for the results where the phthalimide concentration 
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Although the values of K' are quite constant at each temperature, 
the values of K vary by over a factor of two. However, as the concentra-
tions of water and ammonia have been calculated assuming no ammonia combustion 
no conclusions can be made concerning the equilibrium. 
	
6.4 	Factors Affecting Naphthalene Disappearance Rate 
These comments must, unfortunately, be generalisations of 
trends noticed in the data. Quantitative statements have been made 
occasionally to indicate roughly the range of values being cciaidered and are 
not intended to be exact definitions of the applicability of the results. 
A high rate of naphthalene disappearance corresponds to a high 
oxygen to naphthalene ratio and a low ammonia to oxygen ratio. The 
highest rate of reaction obtained corresponded to values of 21 and 1 for 
the two ratios. Conversely high selectivity to phthalonitrile tends to 
correspond to the reverse case, although the influence of the two ratios 
is not as great. 
At identical naphthalene and oxygen concentrations the rate of 
naphthalene disappeara. ce appeared to be inversely proportional to the 
ammonia concentration as shown in Figure 6.1. Unfortunately these are the 
only runs which gave identical oxygen and naphthalene concentratc.-,s with 
varying ammonia concentration so further confirmation of this point is 
not possible. 
6.5 	Effect of Ammonia on the Catalyst 
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was subsequently found to possess much lees than 50 percent of the activity 
expected when used for the oxidation results (se. runs 156 and 157 
Appendix II). After the catalyst had been used in the aamoxidation 
reactions and for several hours in an oxidising atmosphere, it appeared 
mottled with patches of coating similar to unused V 205 catalyst and many 
very dark patches. 
It is quite probable that ammonia has had some structural 
affect on the catalyst. The compl.ts stopping of the reaction when 
ammonia was added to the oxidation system supports this view. Dixon and 
Longfield 6 have reported anomalous results for oxygen adsorption on 
vanadium peatoxide catalysts that have been exposed to amonis. This 
result is, unfortunately, merely a qualitative observation and they give 
no recorded details of the actual effects(64). 
6.6 	Possible Reaction Stp nDu4R.actio 
In section 6.3 a possible equilibrium between phthalouitrile 
and pbthsliaide was noted. however the results presented conflicting 
evidence. Several other indications of possible reactions occurring have 
come from a qualitative consideration of the few results obtained. 
No benxonitrile was found in the product. Gilliatt 3 states 
that this is an important aid, product; but if it occurs to a significant 
extent in this work its further reaction, probably to combustion products, 
must be rapid. 
The absence of any pbthslic anhydride or ether organic oxidation 
products, indicates either that the reaction proceeds directly to the nitriles 
without a phthalic anhydride or other intermediate, or that the subsequent 
nitrification reaction must be exceptionally rapid if phthalic anhydride 
is an intermediate. 
It seems likely that ammonia is either strongly adsorbed or 
reacts with the catalyst forming an ammonium vanadate, and that the hydra-
carbon reacts directly with the ammonia. The known solubility of vanadium 
pentoxide in basic media 
(62)  and the change in the catalyst noted above 
make it more likely that ammonia reacts with the catalyst. 
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C II APT E R  
STIRRED REACTOR PERPO(AMCE A$D USE 
	
7.1 	Introduction 
Stirred heterogeneous catalytic reactors have been described 
in the literature several tines during the past few years. however, very 
little has been published concerning their use in kinetic experiments. 
The experience gained with the reactor used in the present work has shown 
that there are distinct advantages with this type of system for the study 
of certain kinds of reactions and equally distinct disadvantages for 
reactions of other kinds. The discussion below considers mainly the case 
of exothermic reactions, proceeding at reasonably high rates, where conver-
sions are not to be limited to differential values, i.e. to lees than 
10 percent. 
7.2 	Advantages 
Most of the advantages of a stirred catalytic reactor are self 
evident. The mixing of the system eliminates mass and temperature 
gradients in the bulk phase, eliminates or greatly reduces the effects of 
mass transfer limitations at :e catalyst surface, and minimisas temperature 
differentials between the catalyst and the bulk fluid. As the concentra-
tions in the reactor, and thus the reaction rates, are constant once steady-
state is established, analysis of the product stream yields the exact 
concentrations occurring in the reactor. Reaction rates are also obtained 
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directly by a simple mass balance, input Linus patput divided by time. 
The reactor therefore enables accurate data for kinetic analysis to be 
obtained without using procedures such as intEgral analysis or limiting 
conversion to allow a differential analysis to be performed. ugh 
analysis errors result in the latter case due to the low conversions. 
In practice all the advantages of the stirred reactor were 
realised. Reaction rates and reactor concentrations were obtained 
directly and accurately from the analysis of the exit stream. The 
reactor gave, as far as could be determined, pure kinetics except for 
some effect due to naphthalene diffusion. However, this diffusion had 
much less influence than would be found in a packed bed reactor. There 
were, however, other factors which in practice tended to make the use of 
this reactor for the study of the oxidation of naphthalene slightly less 
attractive. 
7.3 	Disadvantages 
The disadvantages, which have been mentioned briefly in Chapters 
4 and 5, are mainly due to the difficulty in carrying Out a planned set of 
experiments. In a stirred reactor at steady-state conditions the concentra-
tion of the inlet stream immediately drops to that of the reactor as it is 
fed in. 	This means that it i.s only possible to predict the reactor con- 
ditions from the inlet concentrations if the kinetics of the reaction 
are already known. 
A standard procedure in kinetic work is to hold all the con-
centrations constant except for that of one component which is varied over 
a wide range. This allows the effect of each imponent to be studied 
independently. This is only possible in a stirred reactor if the exit 
stream is analysed and the inlet conditions adjusted until the desired 
conditions are obtained. In the system used in this work the analysis 
time was thirty minutes and the product collection time fifteen minutes. 
Therefore any adjustment to the inlet variables which required information 
concerning the exit stream was impractical. However, in a system such as 
ethylene oxidation where the analysis time is short (2 minutes using a gas 
chromatograph) it could be possible to follow such a procedure. 
During this research, especially after the amount of catalyst 
or the temperature of the naphthalene bubbler bath had been altered, it 
was found that experiments almost duplicating previous runs often resulted 
because no accurate prediction could be made of the concentrations which 
would result in the reactor. The fact that naphthalene oxidation is very 
temperature .: - itive and that the effect of naphthalene concentration 
varied from first to zero order magnifies the above difficulties. 
The results of the runs on the various cat1vsts and supports 
had to be compared with the results predicted by the kinetic equation 
derived in Chapter 5 as the reactor conditions varied greatly from 
catalyst to catalyst due to the difference in their activity. 
The limitations due to the lack of direct control over the 
reactor conditions also meant that the amount of information gained from 
the aimaoxidation experiments was much less than would have been obtained 
from a set of experiments where individual concentrations could be held 
constant. 
Finally, as analysis of the scattered results from the stirred 
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reactor could not be performed until a reasonable amount of data had been 
collected, the use of the results for planning subsequent experiments was 
limited. 
7.4 	Conclusions 
The stirred reactor has obvious advantages where mass transfer 
may affect the results or where hot spots are formed in the catalyst bed. 
Gj1ljatt 53 found hot spot trouble with the ammoxidation reaction and it 
would most likely have occurred during the oxidation reaction in a packed 
bed reactor as well. In this sense the choice of a stirred reactor was 
justified. The ease of operation of the reactor and the direct obtainment 
of the kinetic data also made the choice seem a good one. Movever, the 
analysis of the data was very time-consuming and gaps were found to exist in 
the results obtained. If a more rapid method of analysis were available 
these difficulties could be overcome. 
The reactor performed exactly as designed and cannot be faulted 
except for the limitations inherent in the system. in many cases of 
kinetic work a balance of the advantages and disadvantages may lead to 
case where this type of reactor is preferable. There should be few dis-
advantages when analysis of the products is rapid. 
A further use of  this reactor, in systems where a more systematic 
collection of data is desired to obtain preliminary kinetic., is to check 
proposed rate equations with the accurate data produced by a stirred 
reactor. 
As with any reactor system, this is not a general purpose 
reactor but one with several special ci&aractristics wiiith are suited to 






raphthalene. reacts with air and/or oxygen on a catalyst of 
vanadium oxide and stannic oxide supported on fused alumina over the range 
of conditions studied to produce phthalic anhydride in yields of up to 78 
percent. Carbon oxides, water and small amounts of 1,4 naphthaquinorie are 
the other reaction products. 
The rate of napbthal.ns disappearance is adequately described 
by a steady-state modal of the overall reaction leading to a linetic 
equation having two disposable constants. 
It C 1: C 
R n 	k s o C +k U  C 
40 400 
n 
ln- 32.33. aIT 
in It 	13.53 + 12 200 
U rr 
The entire range of data can be fitted to this equation on the 
additional assumptions that the catalyst undergoes (a) a long term deactiva-
tion at 422°C, probably due to a reduction of the vanadium oxide, and (b) 
a teisporary deactivation at naphthalene concentrations greater than or 
equal to 19 x 10 5 noles/litre. 	It is conjectured t'...r the latter may 
be due to a shift in the oxide structure of the catalyst. 
1u9. 
4. 	Mass transfer has a large effect on the value calculated for 
in the steady state :iodel at 422 °C and is still important at 353 °C. 
This is due to the slow diffusion of naphthalene to the catalyst surface 
resulting in a lower concentration of naphthalene there than in the bulk 
fluid. The effect of oxygen mass transfer and heat transfer is negligible. 
S. 	 There is an optimum temperature for the iaaximum yield of 
phthalic anhydride between 331 °C and 380°C in the range of reaction 
conditions examined. 
At 3530C a catalyst (12) of much 	her vanadiur., content than 
the standard catalysts (3-7) and a catalyst (8) of the same composition as 
the standard catalyst except on a mullite support give the same rates of 
naphthalene disappearance as calculated, for the standard catalyst, from 
the steady-state model at the reaction conditions studied. 
Le reaction of naphthalene with ammonia and air over a catalyst 
of vanadium pentoxide and stannic oxide supported on fused alumina in a 
stirred catalytic reactor between 430°C and 485°C produces two organic 
products, phthalonitrile and phthalimide and one inorganic product, 
ammonium carbonate or carbanate, in addition to the complete combustion 
products of an*nonia and naphthalene. 
The addition of 40 percent amonia to a system producing 
phthalic anhydride from naphthalene at 353 °C completely .tops all reaction. 
A sample of catalyst used for the ammoxidation reaction is subsequently 
much less active than fresh catalyst for the oxidation reaction. 
11'). 
CHAPTER 9 
RNDATIONS KR FURTHER 1R 
The results of this work have brought to light several important 
features of the naphthalene oxidation reaction. Some recoisndetious for 
further study of these features have already been mentioned in the previous 
chapters. These are aiizaris.d below along with acne further recommendations. 
Development of a rapid product analysis method would enable a 
planned set of kinetic e:qperiments Co be carried out readily usiz tic 
stirred c4talytic reactor. Using this tcchique, a study of the applica-
bility of the steady-state model over wider conditions than those used in 
this work would be worthwhile. 
Using the .e catalyst and equipment as in 1) to oxidise other 
hydrocarbons such as o-xylene and banzcne, a study of the general Applica-
bility of the steady-state model should be made. Previous work on this 
subject has been somewhat limited due to the use of differential reactors 
which do not allow coverage of a wide enough range of reactor conditions 
to enable accurate comparison beaen various reactions to be made. 
A study of the individual reactions in the naphthalene oxidation 
system should be made in an attempt to elucidate the reaction mechanism. 
This would involve the study of the oxidation of 14 napLithaquiuone and 
phthalic auhydrid., along with that of any further products obtained in 1). 
It would be necessary to relate the results of the individual experiments 
to the data for the overall naphthalene oziditiom reaction to determine if 
the presence of further components has an effect on the measured rates. 
A study of changes occurring in the catalyst composition during 
reaction should be made, especially at high naphthalene concentrations and 
high reaction temperatures. A knowledge of these effects should be of 
commercial importance as they may have a bearing on catalyst ageing. In 
addition, a better understanding of the reaction processes may thereby be 
obtained. Such a project would involve frequent analysis of catalyst 
samples by such techniques as X-ray and election diffraction to determine 
their structure. 
Much more information is required on the effects of various 
catalysts and supports on the oxidation reactions. The study of porous 
supports is particularly important. Ideally this study should be made 
after a good understanding of the effects in 1) to 4) has been gained, 
reducing the total amount of experimental data required for comparison. 
Much more work is required on the amoxidatiou system before 
any detailed understanding of this reaction can be obtained. Because of 
its complexity it might be better to delay major research on this reaction 
until the sinpior oxidation system is better understood. 
Ill. 
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NOMB N CL ATURE 
Units are given for those symbols which have been used in the kinetic 
analysis. Some of the other symbols have been used in several different 
equations. Any set of consistent units may be used with these. 
A,B 	kinetic constants 
a 	initial naphthalene concentration 
a 	surface area of catalyst per unit weight (am 2 fg) 
C (subscripted) concentration (rn/i) 
C (unsubacripted) conversion of naphthalene 
C prod total concentration of all the product 
EA 	activation energy (k c&/a) 
J2 square root of the stazi squared error of the reaction rates (ui/g hr) 
experimental rate constant, as opposed to true rate constant when 
mass transfer has an effect (hg hr) 
K,L' 	equilibrium constants (m/l, him) 
k 	reaction rate constant (hg hr for steady-state model only) 
k 	mass transfer coefficient 
0.23 
proportionality constant LAzRfl 	(!) 
k' 	at k 
or, combined rate constant 
ko 	pre-expon.utial factor (hg 1w) 
p 	partial pressure 
1 	reaction rate, disappearance of reactant or production of product 
( g hr 
$ 	selectivity, moles of product/mole reactant converted 
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T 	tenerature (OK) 
t 	contact time 
x 	number of runs 
Y 	yield, moles of "roduct per mole of reactant in feedstock 
y 	degree of naphthalene converted 
moles of oxygen required per mole of organic converted 
8 	fraction of active catalyst surface covered by oxygen 
Subscripts 
a oxygen (with k only) 
CALC calculated value 
CO  carbon dioxide 
g bulk fluid (with C0 only) 
water 
MAA maleic anhydride 
NH   ammonia 
NQ 1,4 naphthaquinone 
n organic reactant 
o 	oxygen (with C only) 
P24 	phthalonitrile 
PRA 	phthalic anhydride 
PIM 	phthalimide 
• 	at catalyst surface (with C0 only) 
1,2 	with reaction rate constants 
Superscripts  
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APPENDIX I 
This appendix contains a paper published jointly by the author 
with P. H. Calderbank and A. Caldwell. The author's contribution to 
this paper is concerned mainly with the 90 	so  process. 
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The "Diluted-Catalyst" fixed-bed 
reactor for exothermic 
catalytic reactions 
by P.H. CALDERBANK, A. CALDWELL and G. ROSS 
University of Edinburgh 
It is shown that many exothermic catalytic reactions may with advant-
age be carried out in fixed-bed reactors by mixing pellets of catalyst 
and inert material in such a manner as to achieve a particular optimum 
reaction temperature sequence. The theory of the diluted-catalyst 
reactor is presented and applied to a selection of commercially impor-
tant reactions. It is seen that diluted-catalyst reactors are small in 
size, stable in operation and have a high thermal efficiency. For reac-
tions such as catalytic hydrocarbon oxidations, which demand a pre-
cise control of the reaction temperature, the diluted-catalyst fixed-bed 
reactor has advantages over the rival fluid-bed reactor. 
Le réncicur a lit fixe a << catalvscur dilué 	pour reactions cataly- 
tiqucs exothermiqties. - On mon/re que de nombreuses reactions 
catalyliques peiwent éirc effecluées avanlageusement thins des rear-
icurs en lit fixe en melangeani des parlicuies (IC catalyseur ci (11111 
niaterwu merle, (Ic façoiz a alteindre uite suite ()pliiilaie (IC tempera-
lures (IC Fé(lCtiOfl. La lhcorie (III reacteur a calaijseur dime est prC-
senlee ci appliquCe a quelques exeni pies de reactions d'imporlance 
pratique. On s'apercoit que de leis rCacteurs ant de faibies (linien-
sions, une bonne siabililé (IC fonctionnement, c/ an rendement iliermi-
que éievé. Pour des reactions (cites que i'oxydaiion calalytique des 
Inidrocarbures, qui demandent un conlróle précis de la lempéralure 
de rear/ion, ic réacieur a calaijseur dilué présenle des avantages par 
rapport ô son rival ó lit fluidise. 
Introduction 
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Present practice in controlling the temperat tire of 
exotlierniic catalytic reactions is summarised below. 
1. Fixed-bed. constant wall temperature 
Sufficient cooling Capacity is provided to constrain 
the reaction temperature near to its safe maxiiiiuni 
value at the point of niaxiinu,n reaction rate (the 
"hot-spot"). As a consequence, the reaction tern-
l)eratLlres at other points in the reactor may be 
below the optimum and the reactor is unduly large. 
This type of reactor has been shown theoretically 
to he subject to instability or "parametric sensitivity''  
Series 0/ adiabatic fired-bed rcartor.s 
The Optimnuni temperature sequence is approached 
by using a series of fixed-bed adiabatic reactors 
with intercooling or intermediate injection of cold 
feed ("cold-shot''). 1'his scheme is evideii liv sui-
table for reactions where the optimllLnn temperature 
sequence or constraint is not critical as iii NH 3 or 
SO,, synthesis. Where intercoolers are uSed, their 
size and cost is often iiiinirnised by forced air-
cooling and heat niav not be recovered. 
Fixed-bed reactors with integral /,,'aI exchangers 
The reactor is cooled and the feed preheated by 




packing the shell of a tubular heat exchanger with 
catalyst, the feed passing through the tubes and 
into the shell with the possible introduction of 
cold-shot at the junction. The reactor provides 
a decreasing temperature sequence suitable for 
reversible exothermic reactions but its performance 
depends rather critically on the load []J. 
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I. I'luuI-bed and trans/er-line reactors 
Isothermal behaviour can he closely approached 
hut attrition resistant catalysts are required: there 
is some loss of catalyst during use and a wide distri-
bution of reaction residence-times may be obtained 
which can result in poor selectivity if competing 
reactions are present. 
The "Diluted-Catalyst" fixed-bed catalytic reactor 
Siiicc the rate of a catalytic reaction per unit 
vol ii tue of reactor Space. may be controlled by the 
aitiount of catalyst j)r('selit it is possible in principle 
to predetermine the temperature sequence of an 
exothermic catalytic reaction by placing at any 
sectimi of a tubular reactor, only that quantity of 
catalyst which will ensure the desired steady-slate 
tell ll)eritttire which results from the competing 
rates of heat generation and heat transfer. 
This strategy may be realised by mixing the pellets 
of catalyst with catalytically inert pellets in the 
correct proportions vliicli will vary with the extent 
of react ion mid the corresponding position in the 
reactor. Previous practice, already described, has 
sought to achieve the same objective by adjusting 
the heat transfer rate as a primary variable instead 
of the rate of reaction but this cannot be done so 
precisely or conveniently. It must not be assumed 
that the catalytically inert pellets are only occupying 
space without performing a useful function; any 
pellet in a fixed-bed reactor is significant in deter-
mining the temperature l)y providing radial trans-
port of heat to the wall through forced convection 
and the dual functions of heal transfer and reaction 
can only he regulated independently by mixing 
inert and active pellets together. 
(diluted catalyst) 
,  
for a tubular reactor with a constant wall tempera-
lure, Since this corresponds wit Ii a boiling liquid 
jacket convenient for heat recovery, as for example 
process steam. but similar calcii Ia lions can equally 
well he carried out for other heat transfer situations 
such as are obtained for example in fixed-bed reactors 
with integral heat exchangers. 
It will be shown that the catalyst-dilution tech-
nique provides a means of designing a reactor with 
a desired axial temperature profile in which the 
instabilities resulting from "parametric sensitivity" 
may be avoided. 
There are a mitt nI er of commercially important, 
reactions, such as Pht halic anhydride and the Fischer-
Tropsch synthesis, requiring fairly precise temper-
attire  coot rol which are operated in both lixe(l 
and fluidised catalyst beds. each with their own 
disadvantages and (lifliculties, it scents likely that 
the diluted-catalyst reactor may l)ro't' to be a more 
sat isfact or' solution than cit her and miiav indeed 
be satisfactory in situations where it was supposed 
that only a fluid-bed reactor could be used, as in 
some catalytic hydrocarbon amiiiiioxidat ion reactions. 
As evidence for this, Fig. I shows the vields of 
phthalonitrile observed in this laboratory for the 





0 	/ 	2 	3 	4 
thcilene 
Fig. I - Experimental yields and conversions in 
purr? 	 the catalytic omrnoedial,on of naphthalene with a 
catalyst i 2 in. diameter heed-bed reactor at a constant 
wall temperature of 450C. A pure catalyst and 
efl2'On/ti'//e 	 a uniformly diluted one (R' 	8) are compared 
under identical operating conditions. 
5 	6 	7 	8 	9 	/0 
GrnS. active catalyst 
The way in which this mixing should be done can 
Ile calculated from the optimum temperature 
sequence or constraint and the kinetics of the che-
mnical and heat transfer rate processes. as described 
later. These calculations have been carried out  
entirely active and a diluted catalyst fixed-bed 
reactor. With an undiluted cat alvs t, large amounts 
of oxygen were consumed in the combustion of 
ammonia resulting from a "hot-spot" which even 
a very favourable heat transfer situation could not 
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C!derbank 't coil. - THE DILUTED-CATALYST FIXED-BED REACTOR 
122. 
GENIE CHIMIUE 
obviate without Causing the reaction to Stop alto-
gether. The admixture of inert catalyst carrier 
pellets is seen to increase the conversion of naphtha-
lene because of the availability of oxygen and to 
promote the yield of phthalonitrile while the reactor 
became stable, responding smoothly and without 
hysteresis to changes in the wall temperature. 
'I his particular reaction has so far only been carried 
out successfully on a commercial scale in a fluid-bed 
reac t.or. 
Elementary theory (One dimensional model) 
(Symbols and Units are defined at the end of the 
paper). 
A heat balance on a differential length of a plug 
flow reactor gives, 
F.C.dT = F (—MI) dx + h(T 	T) dA (1) 
while a corresponding mass balance for the hetero-
geneous catalytic reaction of the key reactant 'A' 
gives, 
rdw = F NA, dXA 	 (2) 
If the pellets of active catalyst (weight w) are 
diluted with catalytically inactive pellets to give 
a total weight \V, we can define a catalyst dilution 
factor H' = , so that is the weight fraction of 
	
w 	H 
active catalyst. Thus for a diluted-catalyst bed, 





FNA0 dXA = 	 (3)111 - 
Furthermore, for a tubular, reactor, 
dV= d 	 (1) 
and substituting equations 3 and 4 into 1, 
d T - NA0 [ All + 4 h (Tw - T) H'1 (7) 
dXAC P 	 rDp 	j 
The isothermal reactor 
Equation 5 may be used to calculate the catalyst 
dilution which is required in order to carry out 
isothermally an exothermic catalytic reaction in 
a tubular plug flow reactor with a constant wall 
temperature. 





. D. = constant 	(6) III 
showing that the catalyst must be diluted so that 
the rate of reaction per unit volume of reactor 
space is the same throughout the length of the 
reactor. 
Further, from equations 3 and 6, 
r x0 H' 	F NA 0 H 
\V=FNA0 \ — dXA 	 XA (7) 
. 0 r 4 h (•f - 'f)  
giving, 
XA 	\V 	1 	r 	XAL = = - and -j-, = F NA 0 -- 	(8) 
CAL IYL L 	li 	 VL 
where the suffix "L" refers to the reactor outlet. 
First order isothermal reactions 
For a first order catalytic reaction, 
r = k NA0 (1 - XA) 	 (9) 
so that substituting equation 9 in 8, 
III- k 1 \VL LL 	11 	'10 
F IXALLJ 
k 1 WL 
Calling
F 
 = NR (the di mensionless number of 
reactor units) 
and making H' = I when 1 = 
k 1 WL XAL 
=NR=-1––-- 	(11) 
which is the same result as is given by the kinetics 
of a first order reaction in a continuous stirred tank 
reactor. 




- 1 	 (12) 
XAL 
giving the linear lilanner by which the catalyst must 
he diluted as a function of reactor length in order 
to secure isothermal operation when undiluted 
catalyst is used at the reactor outlet. 
At the reactor inlet (IiL = 0), from equation 12 
it is seen for example that, 
III = 2whenXAL = /,and H' = 10 when XAL =0.9 
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l'o find the total weight of catalyst dii tien I required, 
from the definition of H' and equation 10, 
F 	
W
1d 	F ' 
WL= 
I 	 i\ k1 	
1 




 In (1—XAI.) 	 (13) 
k1 
and comparing this with equation 11, 
XAL 
NAL 
In (1 	XAL) 
showing, for example, that when 
= 0. 9, II' = -I 
Second order isothermal reactions 
In a similar manner to the above, it may I)c shown 
that for second order exothermic catalytic reactions, 
the analogous equations to 12 and 14 are, 





= I —X1. 	
(14 a) 
showing, for example, that H' at the inlet = 100 and 
H' = 10 when XAL = 0.9. 
The heat transfer coefficient 
It should be noted that the foregoing theory 
employs a model of the heat transfer process which 
assumes that the resistance to heat transfer can be 
regarded as concentrated at the wall of the reactor 
and represented by an equivalent overall heat 
transfer coellicient. Such a model has been use(] 
by Colburn [2] and Leva 1 3 1 to correlate the equiva-
lent heat transfer coefficients for fluids flowing 
through packed t u I )ular beds while exchanging heat 
with the walls so that values of "h" may be obtained 
from these correlations when the fluid, packing 
and flow rate are specified. The one dimensional 
model implies that there are no radial temperature 
gradients in the packed bed and the theory developed 
so far must therefore be used with caution for preli-
minary design in which tubes of reasonably small 
diameter are specified. In order to minimise the 
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cost of the reactor, a two dimensional analysis can 
then be carried cut as shown later for tubes of 
increasing diameter. I lere, it may simply be noted 
that the dilmihmomi of catalyst part u-ics iIli iliem I 
pellets decreases the extent of radial temimperat it e 
gradients because the heat sources (active pelle(s) 
are surrounded by a matrix of inert particles the 
fluid streams between which are rendered conducting 
by eddy diffusion. It may thus be expected that 
tubes of rather large diameter will be found to he 
satisfactory. 
Parametric sensitivity 
The t hernial instability of exothermic reactions 
in cooled tubular reactors has already been referred 
to and is caused by the non-linear dependence 
on temperature of the reaction rate, contrasting 
with the linear dependence of the heat transfer 
rate. 
Amundson [6] first drew attention to this pheno-
nienon by considering a first order exothermic 
reaction carried out in a tubular reactor under the 
following conditions, 
Inlet temperature = 3100 K 





4h 	 I 
I) ,. Al I = 	730 
\Vhn the wall teipperature was 336°K. the maxi-
mutt reaction t e at perature was found to be only 
slightly above 3.l0°K but when the wall was raised 
to 338°K, a temperature excursion of about 80°C 
was obtained. It may readily be shown that this 
instability can be avoided by catalyst dilution. 
Thus from equation II, 
XAL 1l,400\ \VL 
= 	= 3.94 x 1012  exp 
( 	 ) - 
X1. 
3\\ 







From equations 6 and 8, 
r - FXALI 	4h('I'w—T) - (T—Tw) 
H' - \VL 	368 - 730 




showing that a mean catalyst dilution of 2.2 will 
allow the reaction to proceed isothermally at 3400K 
when the wall temperature is 338°K. 
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Non-isothermal reactors 
When it is desired to follow a non-isothermal 
optimuni. reaction temperature sequence, the opti- 
mum relationship for 	must be derived and 
dXA 
substituted into equation 5 which can then be solved 
using the necessary kinetic and thermodynamic 




on a Zu( )-Cr 20 1 catalysi have been reported by 
Natta 1,41 who provides a kinetic equation and 
thermodynamic data. Pasquon and Dente [I 
using Natta's data conclude that the optimum 
reaction temperature is 395°C and the inaxiillUlfl 
allowable conversion of CO is 30% because of the 
constraints imposed by the reaction leading to 
methane. 
The reaction conditions and data taken from the 
above papers are as follows, 
- 
[(A' 	
Oco a8 —acu 3m/K
J 
 gininolsCII 3OFI 
+B'ao + C' aft 2 + D' acH 3oH) 	gm. catalyst. hr. 
Feed 	 Data at 395°C and 280 atm. pressure. 
CO = 12% A'= 125 	1 	= 0.67 
1-1 2 = 80%  = 1.0 	yCO,11 2 = 1. 
Inerts = 8 %  = 0.125 y C14 301-1 = 0.52 
1)' = 4.63 
= 2.67 x 10 -6 atm-2  
All 	= - 24,450 cal /gm.niol 
Cp = 	7.6 calfgmn.mol °C 
(T)Ad = 386°C 
In particular, for a reversible exothermic reaction, 
the optimum temperature sequence is given [71 by, 
(15) 
Fe 	Wle 	L 2 I +MT. 
l+EE In E, 




U (C In K) 
The optimality principle may be used to demons-
trate that for single reversible exothermic reactions 
without a temperature constraint, the niininuini 
size of reactor is that which contains undiluted 
catalyst. Catalyst dilution may be used to cons-
train the temperature and to maximise the reaction 
rate per unit mass of active catalyst so as to mini-
mise the amount of the latter required. The relative 
costs of catalyst and reactor will, in principle, 
determine the most economical strategy but it 
must he remembered that most catalysts impose 
a temperature constraint and most reactions are 
multiple. lii these circumstances, close temperature 
control is necessary for a long catalyst life and a 
good selectivity. 
EXAMPLES 
The following examples serve to illustrate the 
design calculations for diluted-catalyst fixed-bed 
reactors and show some of the characteristics of the 
reactors themselves. 
1. METHANOL SYNTHESIS 
The kinetics of the methanol synthesis reaction 
From. equations 6 and 8, 
r - F NAO XAL - 4 ii (T -  T) 	17 
H' - 	 - 	Al  D 
Substituting Natta's rate equation for r into the 
above and making H' = 1 when XAI. = 0.3, 
rL = 6.7 x 10-2  gin. mols/gum. catalyst. hr . 
WL -. = 0.536 gin. hr/gm. mnol. 
From Coihurn's correlation [21 for 3/8' cylinders 
in a packed bed, 
h = 2 x I0 	when G = 0.225 
c.g.s. units 
Also taking 1) = 5 and pi, = 0.8 
on substitution into equation 17, it is found that, 
	
Tw = 167°C 	Steam. atll0p.s.i.a. 
and \VL = 1370 gins. 	87 cms. of 5 CIII. dia. tube. 
At other positions along the reactor, the appro-
priate values of "r" may be inserted into equation 17 
noting from equation 8 that 
XA 	1 








T 0 (ON) 
	
821 
X .......... 	 0.83 
H' ........... 4.67 	3.88 
0 	 9,31 
812 802 792 780 
0.85 0.87 0.89 0.91 
3.19 2.61 2.17 1.80 
16.09 	I 	23.51 
	
32.00 	1 	42.37 
766 748 721 
093 0.95 0.97 
1.49 1.22 1.00 




giving tilt' opti mu iii (linear) catalyst dilution along 
the reactor. 
H'dl 




= 0.3 gm.hr . /gin.mol. 
showing that the length of the reactor is increased 
80 % due to catalyst dilution but is, as already seen, 
only about 3 ft. in length and for one such tube of 
5 cm. diameter, the production rate is given by 
NAO FXAL z 3 kilos of methanol per hr. Thus for 
a reactor to produce 1 ton of methanol per hr., 
333 tubes are required containing about 1/2 ton 
of pellets of which about 1/4 ton are catalytically 
active. Stich a reactor would raise about 1 1/2 tons 
of steam per hr. at 110 1).  s . i . a - This design is in-
complete in that the gas entering and leaving the 
reactor is at 395°C. In practice the outliowing gas 
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ratures are required in order to maintain the desired 
reaction temperature under these circumstances. 
2. SO, SYNTHESIS 
The reversible exothermic reaction 
SO 2 + 0 	SO 3 
has a decreasing optimum temperature sequence 
and a niaxinluiii temperature constraint of about 
560°C 1101.  Taking SO 2 as the key reactant, the 
equilibrium constant at I atmosphere, in terms 
of partial pressures, is given by. 
/ X \ /2Z1._X\1!2 
= 	- x) (2 Z., _11 x) 
where 	= Mol fraction S(>2  in feed. 
and Z 2 = Mol ratio 0 2:S0 2 in feed. 
whence 
dlnKp 	A II 	1 	(IX 	 d  
dTefl'fX(1-X)dTe(2ZX)(2Z i _X)dT e 
could preheat the feed to about 365°C and a short 
undiluted adiabatic reactor l)e(l could be used to 
raise the teiilperattire. to 393°C and give a CO conver-
sion of 8 % before entering the jacketed reactor 
whose length would be reduced to 30- 8 times 
that previously calculated; the optimum dilution 
schedule would then be given by B' = 2.17 1.6 
and the mean catalyst dilution by H ' = 1.4. 
Clearly, a considerable range of alternative designs 
is possible by alternative choices of tube diameter 
and flow rate, with consequent changes in the 
jacket temperattire. For example, the production 
rate of the reactor described above could he doubled 
by doubling the length of the tubes and the flow 
rate and raising the jacket temperature to 260°C 
giving steam at 650 p.s.i.a. 
In principle, the heat transfer coefficient increases 
with the gas flow rate (h G 3/4) and the heat 
transfer area per unit volume of reactor increases 
with smaller tubes so that higher jacket tempe- 
Therefore, 
(IX 	 hI 
'RT2 ______ 	z 1 - z 2  e  X(1 -X) + (27X) (2Z 1 -X) 
From equation 15, 
(lb - 
(1 + M T 
and combining the last two equations, 
- f 	1 	 Z 1 -Z 2 
dT0 	flil LX(1-X) + (27X(')Z ---X) 
d X A H (1 MT 0 )2 
From equation 16, 
MI 
Te 	 x 	112Z 1 -X R(C-In 1-1n 2Z2-X 
The rate of reaction on a vanadium pentoxide 
catalyst is given by Calderhank (10] as, 
- k 12 
Z 2 - X] [1_- 	112 
k 
12(1
















C7 = 0.40 
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From which H' = exp ((i2X) and R = 1.27 
The reactor length I was calculated from equation 3 
in the form, 
0.08 GR'dX 
dl = 	 cnls. 
F. p. (M. \V)Eeed 
Having established the distribution of active 
catalyst in the tube, recourse was then made to 
equation 5 which was integrated numerically in 
order to evaluate the effect on the Conversion of 
pert urbat ions in the flow rate and wall temperature. 
Some results, shown in fig. 2 demonstrate that the 
reactor is rather insensitive to load and jacket 
teiiiperature. In the example quoted, the gases 
leave the reactor at -1 180C and may be used to 
preheat the feed gas to 3700C before it enters an 
adiabatic reactor which would give a conversion 
of 80 0 0  and raise the temperature to the niaxitnuni 
allowable value of 560° C before entry to the jacketed 
reactor described above. The total weight of 
catalyst and inert pellets required for the production 
of 50 tons 11 2 SO4 /day in this adiabatic-cooled 
reactor combination with an overall conversion of 
97% is .1.3. tons of which 2 % tons is in the adia-
batic section and the inert pellets comprise 7.2.% 
of the overall weight. 
The jacket temperature (106°C) is inconveniently 
high for heat recovery and could be most convenient-
ly reduced by increasing the tube diameter or by 
the means described in the following section. 
The following data were taken from reference [10], 
Feed 
S0 5 = 7.8% 
100 
% 0 2 10.8 
Z 2 =2.3 




I 	 I 	 I 
620 
	
660 700 	 740 
	
780 
Wa/I temperature (°e() 
Fig. 2. - The effect of varying flow-rote and wall temperature on the 
steady state conversion obtained in a SO, synthesis converter of fixed 
geometry (0=10 1 = 113 cms) with an Optimum catalyst dilution schedule 
at G = 0.22 9m/cm 2 sec and T w = 406°C (R' = 1.27). 
k 1  =exp (_31000+12o7) 
IRTo 
I— 53,600 





M = 4 . 89 < 10 
H=-2.26x 104  cal/grn.mol C =-10.68 
C P = 7.74 cal /gm.rnol.°C 	p 8 =0.8gm/cm 5 








+ 4.89 x l0_ 5] [i —Tv (- + 1.89 x lo 
H'— 
h 
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15,500(+4.89 X 10 -6 Te) 
	
[1.6—X] 8(1—X)   1' r =exp 	




126,800 (1 + 4.89 X 10 Te) 	1 18 Xl [4. 6 -Xlexp 	
le
+ 22. 
75j [iooi 2-2X  i 2 
For specified values of h and D, T was then 
calculated by putting B' = I when X = 0.97; 
R' was then calculated for other values of X giving 
for example, ((1 = 0.22; h = 2 X 10 - s; D = 10) 
c.g.s. units; T = 679 0 1 ,,. 
Control o/ the jacket temperature 
In order ro reduce the jacket temperature of an 
exothermic reactor to a value appropriate to saturat-
ed steani at modest pressure, while maintaining a 
relatively high wall temperature, the overall heat 
transfer coefficient may be reduced by lining the 
internal surface of the reactor tubes with thermally 
insulating sleeves or by using concentric tubes 
separated by an annular gal); the inner tube would 
be packed with catalyst and the outer would be in 
contact with the boiling heat-exchange fluid. In 
this way, the thermal resistance 
I , otherwise due 
to the packed bed alone, is increased to 
I 	I D D 0 
where 1) is the diameter of the catalyst bed. D o 
the overall tubular diameter and X the thermal 
conductivity of the insulator or gap. Thus, it is 
possible to choose 1), to achieve the desired jacket 




where h* is now adjustable and Tj - T) fixed by 
the desired jacket temperature and the optimum 
reaction temperature T. 
It will be obvious from equation 5a that, in 
principle, the required reaction temperature schedule 
along the reactor could be obtained by varying h* 
along the length of the reactor by the use of a 
varying thickness of the thermal insulator or by 
a varying tube diameter or both but it is practically 
easier to vary H', as recommended earlier. 
It is worth noting that the use of an additional 
thermal resistance to permit conveniently low 
jacket temperatures, as described above, is a concept 
which does not appear to have been recognized 
previously. For example, boiling mercury and 
eutectic salt baths have been employed in phtlialic-
anhydride fixed-bed reactors because of the need 
to preserve a high wall temperature which could, at 
less cost, be achieved by interposing a thermal 
resistance between the wall and a steam-raising 
jacket. 
Increasing the diameter of the catalyst bed, as 
suggested earlier, also increases the thermal resis-
tance and lead to a lower jacket teiiiperat tire but 
this procedure can give rise to considerable radial 
temperature gradients in the reactor which would 
lead to poor performance if the opt i mu ni reaction 
temperature were critical. Thus, it may be possible 
to use tubes of fairly large diameter for SO,, syn-
thesis but much less latitude could be permitted 
in catalytic hydrocarbon oxidation reactions. The 
use of an annular gap to achieve a desired jacket 
temperature is demonstrated in the following 
example. 
3. NH 3 SYNTHESIS 
The ammonia synthe;is reaction is similar to SO, 
synthesis in that it is also exothermic and reversible 
and consequently demonstrates an optimum decreas- 
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ing te i ipera t tire seq uei,ce. The reaction is carried 
out at pressures of about 300 atmospheres and the 
catalyst imposes an upper temperature constraint 
of about 5600C. The conversion per pass, winch 
is normally employed, is somewhat less than 0.1 ntols 
\2 consumed per inol of gas fed. It will be seen that 
the optinium temperature at the outlet from the 
converter is sufficient to raise the inlet gas to a 
temperature which a short adiabatic reactor section 
will elevate to 560°C; an isothermal section may 
then be used until the conversion has risen to the 
value where the optimum reaction temperature is 
5600C; time final section of the reactor mmmv then 
follow the optimum decreasing temperature sequence. 
ihe catalyst dilution schedule required to achieve 
I he isothermal and the optimum tempera t tire 
sequences is derived below. Since the procedures 
are the same as those employed in the two previous 
examples, the results are presented with somewhat 
greater brevity. 
'l'lie rate of reaction on a commercial catalyst is 
given by the equation due to Tenikin and Pyzhev [11] 
with the rate constants found by Annable [12]. 
_____ 	I (Z-3X)'. (1 _Z___X)P1.I 	2X(1_-2X)1 
7.2 > 2X(1 —2x)1. 	 —k2 (Z— 3X)pJ 
gin mnols N 1 
consumed 
I ll. C.C. 
catalyst 
per sec. 
where Z = mnol fraction 11 2 in feed 
X = mols N2 consumed per mol of gas fed. 
The following kinetic data were taken from 
Annable [121 who quotes typical operating condi- 
tions also used hereunder. The thermodynamic 
20,800 
= exp 	+ 9.773) 
-  




27.911 Kpexp FITO _)  
data were taken from Dodge [131. 
Z = 0.686 
P = 245 atmospheres 
Maximum allowable reaction temperature = 560° C 
Ali = —2.66 X 104 cal /gm. mol. 
Gp = 7.0 cal/gm. niol. °C. 
M=6.1939x 10_I 
C =-27.911 
c = 0.4 
For the optimum temperature sequence, the 
following equations, analogous to those used in 




27.911-21n 122.5—In (0.686-3X) (0.314— X) 
(1 _2X)2  X 1 
I 	Iexp  L10'400' + 6.1939 >< 101Te) + 9.773 (0. 686 - 3X)' (0.314 - X) (245) 1 
	
r=79 
xi W. 	 Te 	 2X(12X)1 
exp ( 
	 T. 
3,700 (1+6.1939 X 10 6 Te) 	\ 	2X(1 _2X)2 
- 	 + 37.68 ) 0.686_3X)1.6 (245) 1 1 1 
4. 	 223 
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gm moles N 2 consumed 
per c.c. catalyst per sec. 
R'= 	
8.4[+ .686_3X+.314_X-1_2X] +4.215Xl08[_+6.1939X 10-511 
h 
10.64 x 101 [ - +6.l939 X 10 5] {i_i' (_+6.1939 x 10 -5)] 
For the isothermal section operating at 560°C, 
the term 1' = + in the foregoing equations 
is replaced by 8330K. Calculations have been 
carried out for a reactor comprising a bundle of 
10 cm diameter tubes to produce 20 tons per day 
of ammonia. In one case, a heat-transfer coefficient 
has been specified and the gas flow rate deduced 
from Levas correlation 1 3 1. The corresponding 
tube-wall temperature was then found, as in the SO, 
synthesis example to be inconveniently high for 
a steam raising jacket. In the second case, the 
jacket temperature was specified to be of a conve-
nient value and the corresponding overall heat 
transfer coefficient calculated. This heat transfer 
coefficient was then apportioned between the 
catalyst and jacket tubes, to determine the width 
of annular gap as explained in the previous section. 
Reactor pressure = 2.15 attn. 
Reactor inlet temp. = 438 OC. 
Reactor outlet temp. = 165 OC. 
Case 2 
(h = 0.002 ; G = 0.04; D = 10) c.g.s. units. 
.Jacket temperature = 195°C 	steam at 200 p.s.i.a. 
h* = 0.0001 c.g.s. units. 
Width of annular gap = 2 mm. 
Reactor length = 7 ft. 
Other data as for Case 1. 
Thus it is seen that a 2 nun annular gap between 
the reactor and jacket tubes enables the jacket 
temperature to be lowered from 412°C to 195°C 
Case I Adiabatic Isothermal Optimum temperature sequence 
T (°K) 711 822 823 823 823 823 825 79t 776 	756 738 
X .001 .03 .031 .036 .042 .050 .05 .06 .07 .08 .09 
II' 1 1 9.04 8.04 7.11 6.14 5.38 3.10 1.96 	1.34 1.0 
1 (cm) 0 3.2 4.4 10.1 16.9 26.0 28.0 51.2 76.2 106.8 140.0 
Case 2 
T (oN) 711 822 823 823 823 825 799 776 756 738 
X .001 .03 .031 .041 .050 .05 .06 .07 .08 .09 
H' 1 1 18.12 14.54 12.32 10.89 5.5 2.99 1.7 1.0 
1 (cm) 0 3.2 5.5 28.3 48.8 52.8 92.6 133.2 174.8 214.0 
Case 1 
(ii = 0.002; G = 0.04; D = 10) c.g.s. units 
Wall temperature = 412°C. 
Conversion per pass = 0.09 mols N,/mol. feed. 
Mean catalyst dilution R' = 1.93. 
Reactor length = 4.6 ft. 
Number of tubes = 210. 
Production rate = 20 tons NI -1 3 /day. 
with an increase in the length of the reactor from 
1.6 ft. to 7 ft., due to the fact that the reactor wall-
temperature is no longer constant. In practice, it 
may be most convenient to load the catalyst into 
tubes of thin gauge metal which can then he slid 
into the jacket tubes and be positioned therein 
by annular spacers which would effectively prevent 
the flow of gas in the annulus. 
It should he noted that the foregoing calculations 
have been carried out for a higher conversion per 
pass than is general practice. Thus the design 
leads to a larger reactor than would otherwise he 
the case. 
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Theory (two dimensional model) 
In the foregoing calculations, the effect of radial 
temperature gradients in the tubular reactors des-
cribed have been neglected. The consequences are 
not likely to be significant for reactors of reasonab-
ly small diameter (see for example kramers and 
\Vesterterp [111) but the procedure does not allow 
one to demonstrate one of the expected advantages 
of catalyst dilution which is that unusually large 
diameter tubular reactors could in principle he used 
because of the improved rates of radial heat transfer 
relative to the rates of heat generation by reaction. 
To deal with the two-dimensional diluted cata-
lyst bed model, a computer programme based on 
the following principles has been written. A trian-
gular matrix (fig. 3) representing a single close-
packed layer of spherical particles is declared. 
10 x 10 MATRIX o TE TRAHED/'AL 
PACK/NO 
&1 14 wcy f7?I)(//79 row 1_ / row 41 
true 
7,4 
Fig. 3. - Three-way mixing equations, proceeding up the bed from row 
r to row (r -f I) etc., for nxn matrix with coordinates x, y. 
(1- 4, 	= 13 [(x ') + x (r) + ( x— ') - Ylr-t, r*,, r*s, 
(x. 	r.-s, r+s," = 1/3 [(x. V) + x (y±I) + ( 1+ I), yJ, 
y=O; (x. v), 	. . 	If) [2(x-1), 	flr-i, r* 	By 
x=O; (r. Y ) r, ri-s, 	1/3 [2x, (y— I)+x. Jtj, -. Symmetry 
X + y = n (the wall) 
	
( Y)r is . ri-i,' 	= 113[x (y—I )± (x_l). ]r+ , r. ' + 13 (x, 
(x. )r.-i, r- 31 ' 	 ( x, Or, r 2 ,. 
The catalyst particle matrix representation of a single layer of particles 
in a packed tubular reactor together with the equations for three-way radial 
mixing. 
Hexagonal bounds are set on the matrix to define 
a ratio of tithe to particle diameter and a non-repe-
titive psdu(lo-randonl number generator is used to 
identify a specified proportion of the particles which 
are thereby deemed to be catalytically active. The 
fluid flow incident on each particle in a layer is 
taken to be the same. I leat and mass balances 
at every matrix co-ordinate are then made, as 
shown in fig. 3, to account for three-way lateral 
mixing between neighbouring interparticle streams 
which join before flowing round a particle. At the 
bounds of the matrix (the tube wall), material is 
reflected and the temperature determined from the 
specified wall temperature and an appropriate 
heat-transfer coefficient which was evaluated as 
described below. The convt rson and temperature 
due to reaction at each identified catalytically 
active particle is then computed by numerical inte-
gration over the length of Lite particle from the feed 
state and the assumption of plug-flow adiabatic 
behaviour. The mean conversion and temperature 
across the layer is then computed. The procedure 
is repeated for an increased number of randomly 
disposed active particles and the mean conversion 
and temperature compared with the previous 
values. The programme iterates with increasing 
amounts of active catalyst until the desired mean 
conversion or temperature is reached when the 
catalyst dilution is printed out and the calculation 
switches to the next layer of particles thereby 
progressing along the reactor from the inlet to the 
outlet. 
Computations of this kind were initially carried 
out wit Ii no catalytically active part ides present 
and with no heat-transfer resistance at the wall 
which, at constant temperat tire, exchanged heat 
by lateral mixing alone with a stream entering the 
bed at a different uniform tempera! tire. The 
computed integral-mean fluid temperature after 
many rows of particle encounters was then used to 
deduce the modified Peclet number for radial heat-
transfer in the bed from the raetz relationship, 
(see, for example, I - ID. An alternative analytical 
derivation leads to the same result. 
It was found that the three-way mixing pattern 
(fiq.3) gave a Peclet number of 9.8 in good agreement 
With published experimental data, (see, for example, 
1151). Other packing arrangements and splitting 
modes were examined and found to be less satis-
factory. The heat transferred to each fluid stream 
between particles at the wall was determined from 
the product of the wall heat transfer coefficient h, 
the wall area A obtained between two particles at 
the wall in alternate layers (see, fig. 3) and the 
specified wall temperature. The computer pro-
gramme described immediately above was re-run 
using various values of hA until close agreement 














leaving many rows of particles and that predicted 
from correlations for the overall heat transfer coef-
ficient 121 [3]. Thus the total heat transfer resistance 
of the system was correctly apportioned between 
the bed and the wall for use in the subsequent cal-
culations of reactor performance. The model 
adopted, therefore assumes that radial heat and 
mass transfer in the bed, takes place by eddy dif-
fusion only and heat-transfer by interparticle 
contributions is allowed for in the wall resistance, 
the reaction proceeding in adiabatic plug-flow j  nips 
followed by radial mixing. 
The prograimne is a general one into which 
kinetic and thermodynamic data for any catalytic 
reaction can be fed; as the tube to particle diameter 
is increased, it was found that computer time may 
be reduced without sensible error by considering 
only one triangle of the hexagonal matrix with 
symmetry at the two internal sides as shown in 
fig. 3 where the matrix co-ordinates are one example 
of several notations which have been used in this 
work; appropriate weighting factors have to be 
used when particles at the triangular sides are 
shared with neighbouring triangles. 
For complex reaction schemes, the selectivity 
rather than the conversion can he optimised using 
the variational methods described by Bosenbrock [16] 
and the effects of changing the tube diameter and 
the jacket and converter inlet temperatures may 
be investigated. 
Examples 
1. Pwrmiuc ANHYDRIDE SYNTHESIS 
The procedures outlined above have been used to 
study the catalytic oxidation of o-xylène to phthalic 
anhydride using the kinetic scheme and data of 
Froment [17] shown below. Froment also used a 
two-dimensional but homogeneous model to demons-
trate the parametric sensitivity of this reaction in a 
cooled tubular reactor with the constraint that the 
reactor length should not exceed 3 meters. 
k [ 	where A is -xvlene 
A 	 B is phthalic anhydride 
C is combustion products 
3 C ' 	and an excess of air is present. 
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Froiii the foregoing activation energies, it is 
Obvious that the best yield of Ii is obtained at as 
low a temperature as is consistent with a high 
conversion of A in a reactor of reasonable length. 
Using the two-dimensional catalyst-matrix model 
previously described with 1) = 2.1 cm, d = 0.3 cmii, 
other data as given above and with equal feed and 
jacket temperatures (T i), fig. 4 was obtained for 
comparison with the predictions of Fronie nt's lflO(lel 
using pure catalyst in both cases. The matrix 
model is seen to demonstrate a temperature "run-
away" at jacket temperatures somewhat less 
than obtained correspondingly in Fronient's model 
which employs a higher radial thermal conductivity 
than may be justified by our calculations. Fig. 4 
also shows the high parametric sensitivity on per-
turbing the heat transfer rate at the wall. More 
favourable operating conditions obtainable by cata-
















Qeo,ced /eng(/? (L/d) 
Fig. 4. - Temperature profiles in the o-xylene catalytic oxidation reactor 
for various jacket temperatures (Ij) and heat-transfer rates at the wall 
(K = hwAw) 
- - - Froments homogeneous model (not accurately drawn). 
- The catalyst matrix model. 
(Excess temperature = integral mean gas temperature - jacket temperature. 
Feed temperature = jacket temperature. 
000 
k1 = exp r_27, 
[ 	. 	
+ 19 . 8371 A 14,= —307 k. cal /gm. mnol. 
1-31,400 
= exp [ HT +20.86 
] 	







(N 0) 0 = 0.208; (N(,)o ._xyiene = 0.00924 44 gm/meters 
p1 = L3 gm/cm'; D = 2.5 cm; d = 0.3 cm'; G = 0.13 gm/cm'.sec. 
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For isothermal conditions of reaction it may 
readily be shown that the maximum yield of phthalic 
anhydride is given by, 
/ k 1 \ / k 2 	IF.
+ k3) 
and the corresponding length of reactor for the ope-
rating conditions detailed above is, 
194 	____ 
dk+k3 —k k, 
Thus, for example, 
Temp oC yNax Z a (the selectivity) 
355 0.739 3210 0.785 
365 0.721 23.1)) 0.769 
375 0.715 1575 0.765 
385 0.710 1130 0.761 




unperturbed ptOflIQ. = 37 







°b 	200 	400 	600 	800 
Reduced reactor length (Lid) 
Fig. 6. - The effect of perturbing the jacket temperature (equal to the feed 
temperature) on the steady-state stability of the -xylene catalytic oxidation 
reactor with a catalyst dilution oplimised forTj = 372CC and 	4l2°C. 
Perturbation Conversion to phlhalic onhydride at the outlet of 3 meter reac 
	
—s 	 0.670 
0 0.694 
+ 5 	 0.701 
-- 6 0.700 
showing that the yield and selectivity are not very 
temperature dependent, a temperature of about 
3900C giving a yield of about 70.5% in a 3 meter 
reactor containing catalyst particles of 0.3 cm 
- 	diameter. It seems evident from the above and 
fig. 4 that the most important factor determining 
the reactor performance is the avoidance of tem-
perature instability. The catalyst matrix pro-
grarnme was therefore run for various feed-jackel 
temperatures using catalyst dilutions which just 
constrained the reaction temperatures to variou 
preset values (T max).  To this end and with prac-
tical considerations in mind, the 3 meter reactot 
was divided into 10 equal lengths, each of whicF 
was to contain catalyst with a constant dilution 
factor. The computer then calculated the maximuni 
uniform catalyst concentration in each section whicF 
would constrain the temperature of any one ran-
domly disposed catalytic particle therein to th 
preset maximum. Repetition of the calculations 
showed good consistency to demonstrate adequatt 
randomisation of catalyst particles by the pseudo-
random nunther routine which was used. 
A typical set of results is shown in figs. 5 and 6. 
Fig. 6 shows the effect of perturbing the jacket 
temperature of a diluted catalyst reactor which i5 
appreciably more stable than when pure catalyst 
is used. One concludes that catalyst dilution 
improves the yield of phthalic anhydride by about 
70 10% and doubles the variations in jacket tempera-
ture which can he permitted without "run-away". 
These advantages are obtained without increasing 
the size of the reactor and further advantages are 
realised on increasing the reactor diameter to permit 
the use of lower jacket temperatures. 
Fig. 5. - Conversion profiles in the o-xylene catalytic oxidation reactor 
for various jacket temperatures (Tj) and various permitted maximum point 
temperatures in the reactor (Ti,a)j 
---  pure catalyst 




As the (Ilauleter of the tubular reactor is increased 
at constant jacket temperature, the model com-
pensates for the poorer heat transfer situation by 
increasing the catalyst dilution and lengthening the 
bed to achieve the desired conversion. The jacket 
temperature is then progressively reduced in subse-
quent calculations which has the effect of reducing 
the catalyst dilution and shortening the bed until 
an optimum jacket temperature is reached below 
which the reactor increases in length again due to 
a reduced catalytic activity at the end portion of 
the reactor where the catalyst is undiluted. This 
is demonstrated in the following example of SO, 
synthesis already treated with the one-dimensional 
model. 
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these circumstances. Fig 7 also shows the very 
much lower catalyst efficiency obtained if a reactor 
containing pure catalyst is operated at the same 
wall temperature and feed rate when the reaction 
temperatures are no longer optimal (Curve Ill). 
However, as previously noted in discussions of the 
one-dimensional model, the reactor containing l)UFC 
catalyst has a minimum size for such single reversible 
reactions without a temperature constraint. The 
length of the diluted catalyst reactor may be reduced 
by lowering the wall temperature; thus the total 
reactor length for a conversion of 96% in the 20 cm. 
diameter reactor with 2 cm. diameter particles is 
reduced from 564 to 312 cmns. when the wall tempe-




Fig. 7. - The efficiency of the catalyst in SO converters 
at G = 0.22 9mcm 2 Sec. 
Curve I 
All catalyst particles theoretically operating at the optimum 
temperaturesequence (one dimensional model) 
Curve II 
Catalyst particles diluted with inactive particles so that the 
integral-mean temperatures over the reactor cross-section are 
equal to the optimum temperature sequence (two-dimensional 
model) 
T, 700'K 
O 	tO cm; d = Icm 
D 	20 cm; d=lcm 
Curve Ill 
Pure catalyst bed (two-dimensional model) 
700°K 
0 = 20 cm; d = I cm 
 
o 	 20 	 40 	 60 	 80 	 700 
Dep cL/? OP active catalyst (cms) 
2. SO, SYNTHESIS 
Fig. 7 shows the results of the two-dimensional 
model calculations (Curve II) for tubular reactors 
of diameter 10 and 20 cms. containing particles of 
1 and 2 cm. diameter at a wall temperature of 
7000k with a feed rate of 0.22 gm/cm 2 sec. The 
catalyst dilution has been regulated along the length 
of the reactor so that the mean gas temperature 
follows the optimum temperature sequence. By 
plotting the conversion of SO 2 against the amount 
of active catalyst, the efficiency of the latter may 
he compared with the ideal case when every catalyst 
particle is at its corresponding optimum tempera-
ture (the one dimensional model; Curve 1). The 
lower efficiency of the catalyst in reactors of finite 
diameter is due to radial temperature gradients 
in the bed but it is noteworthy that there is no 
appreciable change in catalyst efficiency on doubling 
the reactor or particle diameter although the catal-
yst dilution required to achieve the optimum 
temperature sequence increases considerably under  
catalyst diluent is required to maintain the desired 
optimum temperatures under the more favourable 
heat-transfer circumstances; this advantage is ob-
tained at some sacrifice in the catalyst efficiency 
resulting from more extreme radial temperature 
gradients. The wall temperature cannot however 
be reduced indefinitely since the reaction ceases at 
the higher conversions, due to parametric sensitivity 
and further increases in reactor diameter are needed 
to increase the heat transfer resistance and maintain 
the reaction temperatures at the end of the reactor. 
It will be clear from what has been said concerning 
the efTeot of radial temperature gradients, that 
improvements in reactor performance are possible 
by contriving a radial distribution of catalyst so 
that a greater amount of active catalyst is placed 
nearer to the wall to sustain the temperature in this 
region and flatten the radial temperature profile. 
In practice, this could be simply done by inserting 
a coaxial cylinder of wire netting or expanded metal 
into the empty reactor and by filling the outer 
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annulus with pure catalyst, the much larger inner 
space being filled with diluted catalyst as before. 
Quite apart from this cominonsense advantage of 
radially regulating the amount of catalyst, more 
subtle effects may be realised in some circumstances 
by the same means as described below. 
RADIAL DISTRIBUTION OF CATALYST 
The reaction schrne, 
k 1 	k, 
A —* B C (1st order) 
k3 
2A —k D 	(2nd order) 
where B is the desired product, is one in which the 
formation of B by reactions I is favoured in a plug 
flow reactor but the latter also favours the unde-
sired reaction 2. On the other hand, a continuous 
stirred tank reactor while minimising reaction 2, 
does not favour the production of B by reactions I. 
Carberry [18] has shown that a better yield of B 
can be obtained with a recycle reactor than is 
possible with either a plug flow or C.S.T.R. when 
= I and 
k 3 = 0.1. However, a recycle reactor 
has considerable practical disadvantages and the 
required partial mixing can be obtained more 
conveniently in a catalytic plug flow tubular reactor 
by placing catalyst at the walls and filling the 
remainder with inert particles so that the reaction 
zone is depleted in A and is slowly fed with reactant 
by lateral fluxing. 
Fig. 8 shows the calculated performance of a 
tubular reactor having ten particles across the (ha-
meter of which only the two at the wall are cataly-
tically active with k 1 t = 0.01, t being the residence 
time of fluid with one particle. The reactor consisted 
of 100 layers of particles disposed as above and the 
remaining length was filled with pure catalyst 
since little further benefit from partial mixing could 
be obtained when the reaction has proceeded beyond 
a certain point. It is seen from fig. 8 that the 
reactor with radially distributed catalyst gives a 
higher maximum yield of B than the pure catalyst 
plug flow reactor and the C.S.T.R. This maximum 
yield is in fact somewhat greater than Carberry 
found to be possible with a recycle reactor under 






Fig. S. - Yields of B in the catalytic reaction scheme, 
k, 	k5 	 k 
A —* B -- C where k 
k 
2A ~ O 	and — 	 =0.I 
Curve I 
The C.S.T.R. (Max. yield = 0.116) 
Curve II 
The diluted catalyst reactor 
(Max. yield 	0.123) 
Curve Ill 
The plug-flow reactor 
(Max. yield = 0.116) 
 
0 	 0.2 	 04 	 0.6 	 0.8 	 1.0 
Fractional conversion Of A 
NOMENCLATURE 
A 	- wall area of reactor. 
a 	- activity. 
C 	- a constant (defined by equation 16). 
C p 	- specific heat at constant pressure (cal/gm mol. OC). 
D 	- diameter of tubular reactor (cm). 
d 	- diameter of catalyst particle (cm). 
E 1 	 - energy of activation of forward reaction (cal/mol). 
Et 	 - energy of activation of reverse reaction (cal/mol). 
F 	- molar flow rate (gm. mols/sec). 
G 	- mass flow rate per unit area of cross section 
(gm/cml sec). 
It 	- overall heat transfer coefficient between wall and 
fluid in packed bed (cal/cm 1 sec OC) 
- heat transfer coefficient at the wall of tubular packed 




All - luit of reaction per inol (cal). 
- equilibrium constant in partial pressures. 
K 	- (hA) - (cal/sec DC). 
k 	- reaction velocity constant. 
L 	- length of reactor. 
- distance from reactor inlet (cms). 
M 	- defined by equation 15. 
MW - molecular weight. 
N 	- mol fraction of reactant A in feed. 
P 	- gas pressure (atmospheres). 




- the catalyst dilution factor. 
14' 	- the mean catalyst dilution factor. 
r 	- reaction rate per unit mass or unit volume of catalyst. 
T 	- temperature. 
T1 	- temperature of jacket fluid. 
T,, 	- wall temperature of reactor. 
T0 	- optimum reaction temperature. 
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T e 	- equilibrium temperature. 
T,, 5 - temperature constraint. 
- adiabatic temperature rise for complete conversion 
— E I 	-I d'.. 
= I -- NA. 
\ C / 
V 	- volume of reactor space. 
W 	- weight of catalyst and inert packing. 
w 	- weight of active catalyst. 
XA 	- fractional conversion of reactant A. 
x 	- mols converted per unit mass of feed. 
Y 	- yield. 
Z 	- L/d. 
ps 	- bulk density of catalyst and packing. 
- catalyst effectiveness factor. 
y 	- fugacity. 
- void fraction in packed bed. 
- thermal conductivity of fluid. 
- selectivity. 
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Pull tables of .xpariasntal results are presented in this 
appendix. Table £ gives the weights of catalyst used for each loading. 
The catalyst cooaition is given in Chapter 2. Table B gives the 
oxidation results; a code symbol is included to distinguish between the 
results used for kinetic work and those of special cases. The symbols 
stand for: 
- runs used for kinetic analysis 
B- runs used to check bubbler efficiency and/or homogeneous 
reaction 
* - refer to Table C; 
S - runs treated separately in the kinetic analysis due to ex-
tremely low or negative concentrations resulting in the 
sees balance 
VT - runs psrfou.d with a catalyst deactivated by high tera-
Lure use 
- runs at high naphthalene concentration ( 19 x 10 5 nil) 
where decrease in activity was noted 
LV - runs p.rforied with a catalyst that had been used for 
ananzidation. 
Table C presents the full results for the run where the stirrer speed was 
varied and the run where samples were taken at regular intervals to determine 
the time to reach steady-state. Table D gives the ammmidatiou results and 




















In1t Flow Bates (m/ni") 
Reactor 
Temp 
Air 0xyen Naphthalene 
::i xl0 1U 6 
r 3 • 5 432 C; 01 150 
B 7 - 29.3 85.5 297 0 40 150 
8 3 29.7 85.7 23' 29 331 
9 3 29.8 85.6 510 0 64 331 
K 10 3 30.0 85.6 533 U 42 331 
1< 11 3 30.0 35.6 591 u 75 331 
K 12 3 300 85.6 437 0 54 331 
13 3 29.3 85.9 231 0 35 331 
K 14 3 29.4 85.5 647 0 82 331 
K 15 3 30.0 35.6 465 0 57 331 
K 16 3 30.0 83.6 553 0 69 331 
K 17 3 29.3 85.6 720 0 91 331 
K 18 2 30.0 83.6 307 0 38 331 
K 19 3 30.0 85.6 376 0 46 330 
20 3 30.0 35.€ 3' 10 0 38 331 
K 21 3 29.9 86.2 613 0 30 377 
K 22 3 29.9 86.3 776 0 100 377 
K. 23 3 29.9 86.3 832 0 113 377 
8 24 3 30.2 110.0 489 0 177 380 
S 25 3 30.2 110.0 413 0 148 380 
S 26 3 33.2 110.0 331 0 120 380 
S 27 3 30.2 110.0 22 0 93 380 
S 29 3 30.0 110.0 191 0 68 380 
S 19 3 30.2 110.0 147 0 50 380 
8 30 3 29.6 110.0 490 0 181 380 
31 3 29.6 110.0 311 0 114 378 
90.0 500 3 75 378 
K 33 4 33•1 90.0 345 0 51 380 
K 34 4 30.1 90.0 235 0 35 380 
K 35 4 29.2 90.0 594 0 91 380 
K 36 4 29.1 90.0 726 0 110 380 
37 4 29.1 90.0 283 0 43 380 
K 38 4 29.8 90.0 634 0 95 380 
39 4 29.8 90.0 797 0 119 380 
40 _____ 29.8 90.0 337 0 50 330 
139. 
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r.p.m  . 
6-0.2 - - - - - 
- 0 
7-1.4 - - - - - - - 
- () 
8 89,1 55.6 252 2.7 12.1 0.36 14.1 7.8 60 2400 
9 45.5 61.2 340 13.6 7.0 0.58 1.0 9.8 54 2400 
10 66.2 63.9 313 8.3 10.3 0.99 15.1 9.7 45 2400 
11 36.8 55.9 355 15.9 5.2 0.78 15.1 8.4 54 2400 
12 51.6 61.9 335 12.0 7.9 0.96 15.4 9.6 47 2400 
13 92.5 65.5 264 1.8 15.0 0.75 17.8 11.7 56 2400 
14 42.8 51.3 338 14.4 5.5 0.78 19.4 9.9 80 2400 
15 50.1 54.8 331 12.3 6.8 0.90 15.8 8.7 60 2400 
16 40.9 56.1 348 14.6 5.7 0.84 15.5 8.7 55 2400 
17 36.6 46.5 347 16.0 4.3 0.70 18.4 8.6 84 2400 
18 84.9 67.6 283 3.7 14.2 0.96 17.8 12.0 74 2400 
19 65.0 64.0 315 8.6 10.2 1.01 16.5 10.5 49 2400 
20 80.9 59.8 279 4.7 11.9 0.95 17.0 10.2 60 2400 
21 97.4 52.6 200 0.6 12.3 0.00 42.9 22.6 204 2400 
22 96.4 55.5 207 0.9 12.8 0.00 53.3 29.5 237 2400 
23 95,9 59.0 216 1.0 13.4 0.00 59.7 35.2 245 2400 
24 72.5 53.9 14 17.9 25.5 1.24 70.9 38.2 308 2400 
25 75.4 52.0 - 5 15.8 25.2 1.10 61.6 32.0 281 2400 
26 76.5 51.1 -17 15.2 25.3 1.14 50.5 25.8 235 2400 
27 79.3 44.9 -50 13.1 22.5 0.86 40.7 18.2 217 2400 
28 80.0 43.0 -59 12.7 21.8 0.99 29.8 12.8 164 2400 
29 83.4 36.6 -89 10.1 18.6 0.77 23.1 8.4 143 2400 
30 71.9 53.6 8 18.7 25.6 1.24 71.8 34.5 315 2400 
31 75.2 49.2 -24 16.3 24.3 1.09 47.5 23.3 231 2400 
32 61.8 58.7 265 10.6 10.0 0.78 111 65.2 408 2400 
33 83,7 60.0 221 4.4 13.7 0.56 102 61.4 385 2400 
34 92.5 53.6 186 2.0 13.4 0.00 76.4 41.0 355 2400 
35 68.6 62.9 252 8.9 12.2 0.65 150 94.3 506 2400 
36 59.7 61.8 271 11.2 10.3 0.64 157 97.0 538 2400 
37 85.6 54.7 204 4.1 13.2 0.82 88.7 4r.5 372 2400 
38 68..1 65.7 261 8.8 12.3 0.67 154 101 473 2400 
39 57.0 66.8 284 11.8 10.5 0.68 162 108 467 2400 
40 83.3 57. 2 4.5 13.0 0.69 100 57.1 396 2400 


















Air ox-f~ pr 
____________ 
Nphr1-ta1ere 
xlO' xlOD xlO° 
K 41 4 29.8 90.0 487 0 73 380 
K 42 4 29.8 90.0 574 0 85 380 
K 43 4 29.8 90,0 309 0 45 380 
K 44 4 29.8 90.0 8pq C) 131 380 
K 45 4 '9.8 90.3 657 0 98 380 
K 46 4 29.5 90.0 410 78 75 380 
K 47 4 29.5 70.0 29? 52 52 380 
K 48 4 29.5 90.0 671 165 126 380 
K 49 4 29.8 90.0 241 40 41 380 
K 50 4 29.8 90.0 830 207 154 380 
K 51 4 29.5 90.0 514 104 94 380 
1< 52 4 29.5 95.0 345 127 88 380 
K 53 4 29.5 95.0 243 83 62 380 
K 514 4 29.5 95.0 578 266 161 380 
K 55 4 29.5 95.0 478 185 126 380 
K 56 4 29.5 95.0 252 262 54 380 
K 57 4 29.6 95.0 656 0 122 422 
K 58 4 29.6 95.0 412 0 77 422 
K 59 4 29.9 95.0 521 0 97 422 
60 4 29.9 95.0 349 0 64 422 
K 61 4 29.9 95.0 615 0 115 422 
62 4 29.9 95.0 846 0 156 422 
63 4 29.9 95.0 859 205 197 422 
1< 64 4 29.9 100.0 358 60 98 422 
K 65 4 29.9 100.0 494 103 138 422 
66 4 29.9 100.0 599 13P 167 422 
67 - 30.0 100.0 435 0 109 422 
9 68 - 30.1 100.0 435 0 108 191 
B 69 - 30.0 100.0 435 0 109 298 
P. 70 - 29.9 100.0 435 0 109 355 
71 - 29.6 100.0 435 0 110 410 
B 72 - 29.6 100.0 435 0 110 451 
B 73 29.5 100.0 435 0 110 400 
E 74 - 29.4 100.0 435 0 111 348 
9 75 - ?9.4 100.0 435 0 109 295 
76 - 29.7 100.0 435 0 108 192 
B 77 - 29.6 100.0 435 0 109 239 
K 78 5 29.6 100.0 6S5 169 194 422 
141. 
. (Contd.) 









x10 5  
'PEA 
n/br 





41 70.9 58.2 243 8.1 11.4 0.64 124 72.2 470 2400 
42 65.1 75.5 283 9.5 13.4 0.81 133 100 264 2400 
43 83,9 57,9 220 4,3 13..1 0.75 91.2 52.8 354 2400 
/i4 50.4 65.8 295 13.5 9.0 0.52 158 104 481 2400 
45 60.7 61.2 269 10.8 10.2 0.59 143 87.3 503 2400 
46 86.1 61.2 455 3.9 16.3 0.56 154 103 470 2400 
47 92.0 59.0 416 2.2 15.0 0.45 111A 67./1 449 2400 
48 71.8 75.8 556 7.8 15.1 0.65 216 164 452 2400 
49 89.9 51.7 398 2.7 12.5 0.55 8.6 45.8 408 2400 
50 57.8 74.1 581 11.6 11.8 0.60 214 158 471 2400 
51 80.0 69.1 485 5.6 15.4 0.57 179 124 510 2400 
2 84.1 70.4 589 5.5 20.3 0.74 177 125 479 2400 
53 89.4 64.6 537 3.7 20.0 0.47 132 85.1 446 2400 
54 67.7 82.4 713 11.4 19.6 0.74 262 216 380 2400 
55 73.6 76.4 638 9.2 19.6 0.82 222 170 453 2400 
56 95.2 77.7 1509 1.7 25.3 0.00 122 94.8 273 2400 
57 75.3 48.4 165 7.9 11.7 0.66 220 107 1077 2400 
58 81.7 42.2 141 5.9 11.1 1.14 151 63.5 804 2400 
59' 79.5 49.8 159 6.5 12.6 0.76 184 91.6 868 2400 
60 89,4 37.7 107 3.3 10.6 0.52 137 51.7 828 2400 
61 76.5 50.7 166 7.6 12.5 0.71 211 107 978 2400 
62 71.7 53.1 186 9.0 12.1 0.72 268 142 1172 2400 
63 76.7 63.2 453 7.4 15.4 0.61 361 228 1238 2400 
64 88.8 49.1 293 4.4 17.0 0.59 708 102 1022 2400 
65 83.0 56.6 345 6.7 18.6 0.73 274 155 1128 2400 
66 79.4 61.9 3 8.0 19.0 0.74 317 196 1134 2400 
67 4.0 - - - - - - - 2400 
6p. 0.2 - - - - - - - 0 
69 1.4 - - - - - - - 2400 
70-0.8 - - -. - - - - 2400 
71 4.2 - - - - - - - - 2400 
7216.0 - - - - - - - - 2400 
73 4.0 - - - - - - - - 2400 
74 1.8 - - - - - - - 2400 
75 1.4 - - - - - - 2400 
76 0.1 - - - - - - - 
- 2400 
77-0.9 - - -- -, - - - 2400 












Inlet 	Flow Rates (rn/mm) 
Reactor 
Temp 
Air Ox-vgeti Naphthalene  
1,"- .0 5(3 121 11 422 
K 80 5 29.6 100.0 483 187 154 422 
K 51 5 29.6 100.0 500 267 66 422 
DT 82 5 29.6 100.0 341 0 76 330 
DT t 3 2 29.6 100.0 360 60 92 331 
DT 84 5 29.6 100.0 490 22 132 331 
DT 85 5 29,7 100.0 240 33 61 331 
DT 86 5 29.7 100.0 29 27 24 331 
DT 87 5 29.7 100.0 46 269 66 331 
DI 88 5 29.9 100.0 470 0 106 353 
29 5 29,8 100.2 339 0 77 353 
DT 90 5 30.0 100.0 570 0 128 353 
DT 91 5 30.0 100.0 360 64 95 353 
DI 92 5 29.9 100.0 245 40 63 353 
DI 93 5 29.9 100.0 246 131 86 323 
IT 94 5 29.9 100.0 46 269 66 353 
DN 95 6 30.0 100.0 576 0 130 353 
K 96 30.0 100.0 475 0 107 353 
DN 97 6 30.0 100.0 284 0 151 353 
K 98 6 30.2 100.0 479 30 112 353 
99 6 30.2 100.0 533 38 138 353 
K 100 6 30.2 100.0 354 25 82 353 
K 101 6 30.2 100.0 254 21 60 353 
K 132 6 30.2 100.0 242 0 55 353 
I 185 6 30.2 100.0 362 0 81 353 
DN lu! 7 30.2 100.0 46% 0 105 353 
K 105 7 30.2 100.0 335 0 70 353 
DN 1(4 7 30.2 100.0 573 126 353 
107 7 30.2 100.0 536 44 139 353 
DN 108 7 30.2 100.0 439 31 116 353 
DK 109 7 30.2 100.0 358 27 35 353 
K 110 7 30.1 100.0 257 21 60 353 
K 111 7 30.1 100.0 252 42 64 353 
K 112 7 50.1 100.0 357 66 95 3.713 
DIN 113 7 30.1 100.0 453 92 122 353 
142. 
143. 
No. Cony S 


















79 90.8 48.5 426 3.6 17.2 0.51 246 119 1230 2400 
80 88.2 56.7 474 4.7 19.7 0.54 326 185 1361 2400 
61 96.1 46.0 1201 1.4 15.8 0.00 153 70.3 826 2400 
82 7.3 19.9 380 41.6 0.7 0.00 13.6 2.7 109 2400 
'3 1.7 L47 638 42.5 0.1 0.00 3.7 5.4 - 17 2400 
84 3.8 26.9 659 42.6 0.5 0.00 12.1 3.2 88 2400 
85 8.2 22.3 589 40.0 0.3 0.00 12.1 2.7 94 2400 
86 34.6 55.5 1511 24.5 7.1 0.00 19.9 10.8 90 2400 
87 -4,4 124 1797 43.6 2.3 0.53 -6.9 8.7 -175 2400 
88 19.1 32.2 327 34.9 2.6 0.60 48.8 15.7 230 2400 
89 21.1 45.9 329 33.9 4.2 0.71 38.9 17.9 180 2400 
90 14.8 28.4 341 36.5 1.8 0.42 45.7 13.0 297 2400 
91 13.2 59.3 594 36.9 3.3 0.76 30.1 17.9 82 2400 
92 22,1 53,7 544 32.7 5.0 0.85 33.3 17.9 124 2400 
93 19.4 57.1 868 34.8 4.8 0.85 40.0 22.7 130 2400 
94 22.8 110 1674 31.0 10.1 1.41 36.3 40.0 -21 2400 
95 47.8 78.4 289 22.5 16.1 1.33 46.5 36.4 71 2400 
96 62.9 70.4 234 15.9 19.0 1.36 50.3 35.4 124 2400 
97 48.7 75.3 284 21.7 15.5 1.30 55.0 41.5 101 2400 
98 74.4 78.6 313 10.8 24.6 1.35 62.2 48.9 106 2400 
99 77.3 82.4 316 9.6 26.9 1.22 79.8 65.7 111 2400 
100 89.9 74.8 273 4.2 27.9 0.96 55.5 41.5 126 2400 
101 95.7 68.8 247 1.8 27.5 0.44 43.1 29.7 130 2400 
102 89.6 74.0 166 4.4 28.2 0.98 36.9 27.3 86 2400 
103 76.2 78.3 216 10.2 25.5 1.34 46.1 36.1 81 2400 
104 44.0 82.9 309 24.0 15.6 1.55 55.0 45.6 49 2400 
105 61.0 76.0 252 16.6 19.8 1.44 54.3 41.3 100 2400 
106 32.4 87.2 339 28.8 12.0 1.26 49.2 42 q 1.8 2400 
107 36.9 90.6 439 26.6 14.1 1.28 60.9 55.2 7 2400 
108 43,6 83.1 400 23.9 15.4 1.39 60.0 50.0 56 2400 
109 55.0 82.7 389 19.0 19.2 1.47 55.8 46.1 61 2400 
110 79.7 75.5 316 8.4 24.9 1.02 57.2 43.2 122 2400 
111 86.2 77.6 405 5.8 27.9 1.11 65.7 50.9 127 2400 
112 67.6 84.3 491 13.9 24.4 1.53 76.3 641 80 2400 
113 44•3 81.6 563 23.9 15.5 1.70 64.7 52.8 61 2400 
144. 
Code un Cat:-- Temj 	Corrected Reactor 
No. lyst Press Temp IDlet 	Flow Rates (m/min) Temp 
: 
or:  
Air ,  0ygev Narhthalene 
: 	 Y '! ;z10 6 
t'N 114 7 '7.1 100.0 573 125 15 353 
K 115 7 30.1 100.0 246 85 72 353 
116 7 30.1 100.0 351 128 lOG 353 
DN 117 7 30.1 100.0 488 185 150 353 
112 7 30.1 100.0 325 264 190 353 
119 7 30.1 100.0 1 1 3 (0 47 353 
K 120 7 30.1 100.0 251 130 84 353 
121 7 10.1 100.0 365 212 128 353 
K 122 7 30.1 100.0 178 129 66 353 
K 123 7 30.1 100.0 243 262 114 353 
K 124 7 30. 1 100.0 170 121 79 351 
K 125 7 30.1 100.0 27 208 51 353 
DA 156 7 30.0 100.0 347 79 353 





























114 38.6 73.1 578 26.0 11.9 1.21 11.2 52.0 137 2400 
115 87.7 82.6 593 5.1 30.2 1.47 75.4 62.2 101 2400 
116 77.0 85.9 639 9.8 28.1 1.35 97.4 83.6 97 2400 
117 50.0 78.0 702 21.3 16.6 1.62 R9.4 69.7 129 2400 
118 30.3 89.4 817 29.8 11.6 1.43 68.4 61.1 0 2400 
119 95.6 80.9 578 17.9 31.4 0.00 53.6 43.4 103 2400 
120 84.5 82.5 718 6.5 29.4 0.74 84.4 69.7 130 2400 
121 67.6 82.5 805 13.8 23.7 1.40 103 85.3 130 2400 
122 89.3 82.4 832 4.4 30.2 092 70.0 57.6 106 2400 
123 795 88.1 1012 8.9 30.5 1.12 108 95.4 93 2400 
124 8.1 81,1 986 5.0 29.9 0.34 82.7 67.0 149 2400 





























9U 3000 55.6 
i7 iuOu - 58.2 
iU -- 56.1 
1.84 lUuO - 55.6 
53. 
cu.9 
4. 42.0 53.2 
45.7 59.4 
- 	4.1 









i.r Ammonia .kphthalene 
X10 5 xlC 5 
126 169 116 (1 30.1 355 
127 IC: 
12C l6f3  
129 163 Yi7 7 2.7 
130 214 '3 ?2.7 
131 252 5 297 
132 341 '' 7 29.7 435 
133 j,3L 59 29.5 435 
13' 3' 52 29.5 435 
135 42" 53 17 29.5 435 
136 351 44 69 5 466 
167 
136 90 121 47 211 1-- 1 .5 466 
13' 7" 127 r 17 11 	 S 
140 254 8 79 2 9 .4 41,6 
141 5'4 33 33 22 .4 466 
5I. 33 29.4 466 
143 344 1 10 29.2 467 
144 "I 37 29.3 430 
145 L 	2 219 23.3 4 
146 75 73 29.3 47 
147 113 117 52 .9.4 40 
14S 44 63 2.4 4' 
14° 177 112 64 29.7 433 
15C 3"' 137 29.7 
131 1' '1 45 29.7 469 
152 t 60 29.7 437 
153. 32 29.7 319 
154 232 (3' 29.7 37 
155 23C  fi 2916  
Catalyst 7 
Bath Temperature - 100.0°C 
Stirrer 	 - 2400 r.p.m. 
147. 
TABLE D AMMOXIDATION RESULTS 
Run 
0. 
r W4 flit 
C0 










rn/ g a r 
12• 0.0 0." 0•ç '1.' c.i . 774 
127 15.9 30.0 0.0 164 31.4 1.0 0.0 696 1.2 .4 
123 57.2 61.7 12.0 78 15.1 17.5 2.4 6Ei 13.6 
129 21.2 120 11.4 151 29.1 1 .4 0.9 167 
130 71.4 60.0 17.9 4 10. 17.7 1.7 165 
131 83.9 47." 30.8 111 5.9 14.6 9.! 221 
132 84.4 43.9 32.9 112 5.7 13.7 10.3 178 66.9 
133 19.1 121 .7 127 73. .3 0.2 926 70.2 
134 22.6 87.9 2 37 17.3 7.4 0.) 987 14.1 
135 84.5 38.1 11.. 17 .fl 1.O 11.9 113. 113.1 
136 90. 40. '' ' 13.0 
137 17.2 73.:) v. 102 29.4 4.5 0.0 924  
131 12.0 91.7 " !'i 31.7 '.7 7.7 97- 
139 7.2 57.4 1. E. 98 21.3 7.4 0.2 659 2.7 
140 .7.1 ('.5 1.7 121 14.7 .7 3.7 407 4.6 
141 87.1 41.7 29. 6 .5 12.6 9.7 Jt' 
142 73.4 63.1 17.0 95 3.5 16.5 4.4 367  
143 58.0 53.2 15.7 iii 15.4 13.4  42 
144 84.5 40.3 19.1 62 5.7 11.9 5.6 184 
145 91.5 0,1) 137 37.'. LS 0.0 863 
146 52.4 26.2 0.6 64 16.9 4.9 0.1 370 45.0 
147 10.7 65.0 0.0 135 32.0 2.5 0.0 802 6.7 
148 54.2 32.6 6.5 107 15.9 7.1 1. 1 233 41.8 
149 22.4 65.7 0.0 146 26.7 7.1 0. 3.7 17.7 
150 43.0 46.4 6) 113 2.1 7,1 1.1 47( 51.3 
151 79.0 53.3 14.1 70 7.2 14.6 3.8 334 42.1 
152 81.8 44.7 20.7 7 6.6 13.2 6.0 264 58.4 
153 24.1 45.0 27.2 241 29.2 1.2 2.5 270 17.9 
154 2." 5.2 0.2 32" 72.7 1.7 0.2 237 
155 0.0 0.0 0.0 355 43.5 .2 0.0 24  
148. 
149. 
TABLE E COMPA!ISON OF CATALYSTS RSt1LTS 
!ath 1aperture - 100.0 °C 
Stirrer - 2400 r.p.m. 





In1't Flows r./min  
Lir Uxyi 
z10 
I U 7) 
2 4& 31 114 
3 260 41 65 
£09 
5 256 130 85 
0 
RESULTS 






















8 1 29.8 62.8 62.1 223 1.tD 1.8 2.0 57.0 33.5 17 
8 2 29.6 43.9 59.5 364 23.7 11.0 1.7 59.6 35.5 186 
160 3 3 29.7 23.9 66.3 360 6.7 23.3 1.5 64.2 43.0 191 
161 8 4 29.7 0.7 71.6 Sc': 9.4 25.0 1.4 104 74.1 251 
162 3 5 29.7 C9.2 71.1 661 4.6 26.9 1.1 92.2 65.5 239 
163 9 1 30.1 23.9 67.7 164 6.3 23.9 0.7 70.5 47.7 213 
164 9 2 29.8 84,1 71.5 257 6.9 26.0 0.8 110 78.9 290 
165 Z9.3  ) A . . 69 . 4 J.4  2.9 .0..  çi .e .'., 	,h'- J 
166 9 4 29.9 89.3 72.0 537 4.3 27.2 0.6 118 84.8 309 
167 C. 5 29.3 91.4 69.8 646 3.7 27.2 0.6 i.3 63.6 260 
1C 9 C _9.8 73.4 72.6 203 11.5 23.0 .9 91.3 66.2 223 
169 10 1 29.8 15.7 79.1 368 35.7 5.3 0.7 14.0 11.0 14 
170 10 2 29.3 17.2 56.5 437 34.9 4.1 0.6 22.9 12.(, 79 
171 10 3 29.8 32.3 63.0 324 27.3 8.4 3.1 26.0 15. 72 
172 10 4 29.9 25.8 05.9 750 31.2 7.2 0.9 33.1 21.8 85 
173 10 5 29.9 35.9 65.4 826 27.0 9.9 1.2 36.2 23.7 98 
174 11 1 30.0 33.5 60.6 318 26.6 0.9 2.5 39.3 23.8 88 
175 11 2 30.0 31.6 60.9 422 28.9 3.1 2.8 51.8 31.5 94 
176 11 3 30.0 40.9 58.4 405 20.7 11.6 3.2 46.3 27.0 117 

































178 11 5 29.7 80.1 70.0 756 8.4 23.7 6.4 97.4 68.2 108 
179 12 1 29.6 47.1 70.1 277 22.6 14.1 1.2 43.0 30.1 104 
180 12 2 29.6 42.7 67.7 378 243 12.2 1.1 57.3 38.8 151 
181 12 3 29.6 75.4 67.4 402 10.3 21.1 1.1 58.0 39.1 170 
182 12 4 29.8 74.8 73.1 599 10.7 23.2 1.1 96.8 70.8 225 
183 12 5 29.8 87.1 74.2 667 5.3 26.8 0.7 86.8 64.4 206 
174 13 1 30.0 93.0 69.1 137 3.0 27.4 0.6 82.3 56.9 242 
185 13 2 30.0 92.3 74.4 266 3.3 20 .0 0.6 126 93.9 303 
16 13 3 30.0 97.5 65.11 322 1.0 23.4 0.0 72.6 47.2 254 
APPENDIX III 
!A!LE CALCULATION 
Consider Run 12. 
The data collected were: 
air flow rate 98 141/min 
air bleed rate 7 mi/mm 
reactor temperature 331°C 
bath temperature 85.6 0C 
room temperature 20.0 0C 
atmospheric pre,-- ,ire 29.95 in Hg 
stirrer speed 2400 r.p.m. 
catalyst 3 
weight of catalyst 10.89 * 
weight of diphenyl marker 0.1000 g 
sample collection time 15 minutes 
average chromatograph peak 
areas (integrator counts): 
naphthalene 	 880 
diphenyl 	 1637 
phthalic anhydride 	 195 
1,4 naphthaquinone 	 37 
From the inlet flow rates 
273 	(98 + 	7) total moles/minof air -
224O - 	x 10 rn/mm 
151. 
152. 
A bath temperature of 85.6°C corresponds to a naphthalene vapour pressure 
of 100 mm Hg. 
.'. moles/min naphthalene feed 
10.0 
(29.95 x 2.54) - 10.0 x air flow to bubbler 
10.0 	273 	98 	 -5 - 	xx 224 -5.43xIO rn/mm 
The length of collection was fifteen minutes; therefore the total naphthalene 
feed during sampling was 
5.43 x 10 x 15 - 8.15 x 10 moles 
From the chromatographic results the naphthalene area is 880 counts. 
Scaling this figure to a standard diphenyl area of 1100 counts gives 
naphthalene area 880 x 1100 - 591 counts. 1637 
From the calibration of the chromatograph this corresponds to a naphthalene 
concentration of 5.05 grams/litre in a solution with a diphenyl concentration 
of 10 grams/litre. That is, the ratio of naphthal.ne to diphenyl in the 
collected sample I. 
5.05 - 0.505 10 
As the weight of diphenyl added to the sample was 0.1000 g 
grams naphthalene in sample - 0.505 x 0.1 - 0.0505 g 
moles naphthalene in sample - 0.0505 M 3.95 x 10 4 moles. 
The figures are the unreacted naphthalene passing through the reactor 
during 15 minutes. 
.. x conversion - (8.15 - 3.95) x 10' x 100 - 51.62 
8.15 x 10 
In a similar manner to the calculation of the amount of naphthalene in the 
ample, the moles of phthalic anhydride and 1,4 naphthaquinone co11eced 
can be obtained. These results are: 
phthalic anhydride 	- 2.6 x I.O moles 
14 naphthaquinone 	W 3.2 x 10 moles 
•0 
. 2 selectivity to phthalic anhydride 
SPRA
2. x 10-4 
- 	 x1006l.92. 
(8.15 - 3.95) x 10-4  
The rates of naphthalene disappearance and phthalic anhydride production 
per hour per Irm. of catalyst are 
 60 (8.15 - 3.95) x 1O4 x 
	- 15.4 x 	m 
g hr 10.89 - 	r5 
- 2.6 x 1060
-9.6 x 1O5 m 10.89 	15 	 T hr 
A mass balance baa.d on the stoichiotnetry of the reactions and assuming 
that all carbon unaccounted for in the organic products exists as carbon 
dioxide gives the moles of each component passing through the reactor per 
minute. The following abbreviations will be used in the calculations: 
N - naphthalene converted, P - phthalic anhydride, NQ 1,4 naphthaquinon., 
153. 
154. 
CO 	carbon dioxide, 1120 - water, all units are moles out of reactor 
during 15 minutes. 
4 naphthalene 	- 3.95 x 10  - 2.63 x 10 5 rn/mm 15 
nitrogen 	 - 0.79 x 4.37 x 10 - 345.2 x 10 rn/mitt 
phthalic anhydride - 2.6 x 	- 1.73 x 10 rn/mitt 15 
5 1,4 naphthaquinone - 3.2 x 1O- 	 0.21 x 10 rn/mitt 15 
carbon dioxide 	- (815 - N - P - NQ) 10 + 2P  u 
- 12,0 x 	rn/mitt 
water 	 2P 
15 	15 	15 
2 x 2.6 x 10 + 3.2 x 10-5 + 4 (8.15-13.95-2.6-0.32)xlO-4 - 	15 	 15 	j- 
- 687 x 10-5  
-3 oxygen 	 • 0.21 x 4.37 x 10 
CO  2 - - 1.5P - NQ - . 51120 
15 15 15 
If- 
- 0.21 x 4.37 x - 12.0 x io - 1.5 X 2.6 x 10-415 
- 3.2 x 1O 
.5 x 6.9 x 10 15 
- 73.7 x 10 	rn/mitt 
Siirmption of the above exit flow rates enables the percentage composition 
of the gas to be determined. This is converted to concentrations in 
moles/litre by multiplying by the molar concentration of a gas at 331 0C and 
one atmosphere of pressure. This is approximately 
273 	1 
(2T3—+ 331) + 22400 - 2.02 
	rn/i. 
7   
The final results are shown in the following table. 




rn/i x 10 
naphthalene 0.59 12.0 
nitrogen 78.05 1576 
phthalic anhydride 0.39 7.9 
1,4 naphthaquiflone 0.05 1.0 
carbon dioxide 2.72 54.8 
water 1.61 32.4 
oxygen 16.59 335 
155. 
